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ABSTRACT

Harnessing and storing electric power produced from renewable resources
through its conversion to transportation fuels broadens the potential for renewable energy
integration and serves to mitigate national dependence on crude oil. The focus of this
thesis is on the examination of renewable and alternative energy conversion strategies for
transportation fuel production. Two mid-scale (50 MW) fuel production plants are
presented which demonstrate electricity-to-fuel pathways using renewable electricity and
recycled carbon dioxide. The first pathway considers hydrogen (produced from
renewably powered electrolysis) as a feedstock to a synthetic natural gas (SNG)
production plant, which catalytically converts hydrogen and carbon dioxide to SNG. The
second pathway explores the production of gasoline and diesel fuel from renewably
powered co-electrolysis of steam and carbon dioxide followed by Fischer-Tropsch
synthesis. A third pathway to fuel is presented which considers an alternative means of
small-scale hydrogen production using stationary fuel cell technology for the
polygeneration of hydrogen, heat, and electricity (CHHP); this strategy enables flexibility
of production for meeting the hydrogen demand of a small-scale market penetration of

fuel cell vehicles.

The design, thermochemical performance, and economic analysis of these three
fuel production plants are presented. The plant efficiencies for the first two production
plants are 78% and 50% (HHV), respectively. The cost of fuel production is highly
dependent on the operating capacity factor of the plant, and this is a major barrier for
pathways which use intermittent renewable energy resources, such as wind. The overall
efficiency for the fuel cell-based polygeneration plant is 79.3% (HHV), and the
economics of hydrogen production are favorable if electricity prices are high compared to

the cost of natural gas.
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CHAPTER 1

INTRODUCTION

Fossil fuels are being depleted at increasing rates, and it is clear that renewable
energy and alternative fuels must play a significant role in meeting the future energy
demands. The accumulation of carbon dioxide in the atmosphere from burning fossil
fuels is a growing concern because of its warming effects on the planet. Renewable
pathways to fuels for use in existing infrastructure are a key interest in the interim
preceding a transition to more direct renewable energy uses and widespread distributed
generation systems. Studies which explore renewable pathways to fuels are essential for
determining the capability of potential technologies which can reduce our dependence on
fossil fuels and mitigate global warming. This chapter includes a background in
renewable energy and transportation fuels production as a motivation for the work in this

thesis.

1.1 Importance of Renewable Fuels

The current consumption rate of fossil fuels poses an economic and
environmental threat to society. By relying on oil for transportation fuel, the United
States is vulnerable to fluctuations in the supply and cost of this resource, which is
largely imported. Continuous economic growth in countries with large populations, such
as China, will further strain the supply of fossil fuels. Many countries which supply the
majority of crude oil are in politically unstable regions, and this brings further interest to
obtaining energy independence. Energy independence can be improved through

harnessing renewable resources, such as wind, to produce synthetic fuels.

In addition to resource depletion, reducing pollution to the atmosphere is a
motivating factor to decrease the use of non-renewable fossil fuels. The carbon dioxide
emitted from burning fossil fuels is believed to contribute to the warming of the Earth’s

atmosphere at a rate that will likely disrupt the stable environmental conditions which



exist presently. It is estimated by Tripati et al. [1] that the current composition of carbon
dioxide in the atmosphere is more than 25% higher than it has been on Earth for 15-20
million years; a major reason for this increase is the burning of fossil fuels for about 200
years. The stabilized climate associated with the current levels of carbon dioxide is
estimated with temperatures 5-10 °F hotter and sea levels 75-120 feet higher than present
[2]. There is scientific consensus that the rise in carbon dioxide is mainly caused from the
anthropogenic behavior of combusting fossil fuels, and the future effects of global

warming could have dire impacts on society.

1.2 The Hydrogen Economy: A Long-Term Prospect

The hydrogen economy is a term to describe a future energy and economic system
which is based heavily on hydrogen as an energy carrier. Hydrogen can be produced by
renewably powered electrolysis, and this is the most direct and technologically mature
way to convert electrical energy to chemical energy (fuel). Hydrogen can potentially be
used as fuel for fuel cell vehicles (FCV), heat for both cooking appliances and space
heating, and power generation using stationary fuel cell systems. Ideally (no carbon
emissions), hydrogen is produced from a renewably powered electrolysis process or
biomass refining and used to replace natural gas and petroleum for residential and
transportation energy needs. Figure 1.1 illustrates a pathway for the production to end-use
in a hydrogen economy. Aside from large scale hydrogen production, additional costs
include hydrogen pipeline construction for distribution to homes and fueling stations, and
hydrogen-compatible end-use devices which are a major barrier to the hydrogen

cconomy.

Barriers for the hydrogen economy include the replacement of the large fleet of
internal combustion engine vehicles with fuel cell vehicles, natural gas pipelines with
hydrogen pipelines, and household heat and power generating devices with hydrogen
compatible devices. Hydrogen has a low volumetric energy density, so it must be highly
compressed before use or transport; storage and transport of hydrogen are energy
intensive processes. These issues related to the hydrogen economy invite alternative

methods for increasing the utilization and implementation of renewable energy resources.



Figure 1.1 Hydrogen pathway scenario in a hydrogen economy

The realization of a hydrogen economy is a long term prospect. Alternatively,
hydrogen as an energy carrier can be used for processes which involve conversion to a

more readily usable product for which a market demand is currently in place.

1.3 Issues with Harnessing Wind Power

Harnessing the power of wind is inconvenient due to the unpredictability of
weather conditions which enable the generation of electricity. Without a storage medium,
the electricity must be used as it is generated. The electric power production capability of
wind farms does not often coincide with the demand from end-users. If the wind farm is
connected to the grid, the electricity can be sold to the utilities companies for distribution
to end-users. Unfortunately, most of the best wind resources are not located near highly

populated areas; Figure 1.2 shows the relative wind resources throughout the U.S.

Transmission of the wind-generated electricity on long power lines leads to power
losses; these losses (Pjoss) are caused by the resistance (R) in the transmission lines (Ploss=

i’R), which increases with distance. Ramping up the voltage lowers the transmission



power losses by lowering the current (i), but the process of increasing the voltage also

causes some power loss.

Figure 1.2 Wind resources throughout the U.S. [3]

As an alternative to generating electricity for the immediate demand, storing the
electric energy is a topic of great interest for renewable energy generation due to its
intermittent nature and remote locations. Storing electric energy directly into batteries is
one of the most efficient ways to preserve the energy generated from renewable
resources, but capacity limitations of batteries are currently too great to economically
store enough energy at utility-scales. Using the generated electricity to compress air or
pump water to elevated heights are other ways of storing the potential energy of electric
power; these strategies also come with conversion inefficiencies and transmission power

losses.

The issue of storing the power generated by wind through its conversion to fuel is

becoming a topic of great interest. Storing energy as a fuel requires first the conversion of



the wind resource to electricity, and then the electricity must be used to process chemical
molecules into a useful fuel. While hydrogen production from wind-powered electrolysis
has been considered for this type of process, the current infrastructure and demand for
hydrogen is small. Alternatively, the market for natural gas and liquid fuels such as

gasoline and diesel is large.

1.4 Carbon Dioxide Recycling

Carbon dioxide is produced in every fossil fuel conversion process. Many sources
contribute to carbon dioxide emissions: from the large (500-1200 MW) coal-fired power
plants to the gasoline-powered car. Especially regarding large power plants, potential
governmental policies for reducing the rate of carbon dioxide emissions are inviting
research into methods for carbon capture and storage (CC&S) from power plants. Carbon
dioxide emissions policies are also promoting research into alternative methods of fuel
and electricity generation from which CC&S is accomplished more easily (e.g.
gasification of coal). A difficult and controversial task of CC&S is storage; there is no
fail-safe and cost effective method for storing carbon dioxide (e.g. underground) which

ensures that it will not be eventually released.

There is growing interest in carbon dioxide “recycling” by which the net
emissions of carbon dioxide to the atmosphere are reduced or eliminated. This recycling
means re-using the captured carbon dioxide to produce useful fuels again. While using
carbon dioxide derived from fossil fuels is not a carbon-neutral cycle (or renewable), it
enables a second use of the carbon before being emitted to the atmosphere. Using the
same methods of CC&S from fossil fuel power plants, a biomass-fueled power plant

utilizing CC&S would make the cycle carbon neutral and renewable.

One example of both re-using and storing carbon dioxide is to use it for enhanced
oil recovery (EOR). In North Dakota, the Great Plains Synfuels Plant (GPSP) gasifies
coal for synthetic natural gas production, and it captures and transports the carbon
dioxide from its site to the reservoir for EOR, where it is then pumped into the reservoir

to extract additional oil. There are numerous wind turbines (and potential for more) in



North Dakota, but there is not a large population nearby to demand the electricity that is
produced by them. Recycling the carbon dioxide from the existing pipeline in a chemical
conversion process, which could store the power produced from the wind turbines, is one
option that can slow the emissions of carbon dioxide to the atmosphere while producing

valuable fuel.

Presently, there are very few power plants or fuel production plants that employ
CC&S because it is not cost effective, and there are not enough stringent governmental
policies which incentivize the process. For large-scale renewable energy penetration into
the energy market, both science and government will have to increase the capabilities and

motivations for CC&S.

1.5 Pathways to Transportation Fuels

Conventional transportation fuels include gasoline and diesel, which are produced
by refining crude oil. Alternative transportation fuels include compressed natural gas
(CNG), hydrogen, and biofuels (e.g. biodiesel and ethanol). Synthetic production
pathways to various transportation fuels are shown in Figure 1.3; the bold red arrows

indicate the pathways which will be explored in this thesis.
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Figure 1.3 Pathways to synthetic transportation fuels



There are various strategies and technologies used to accomplish the production
of synthetic fuels. One strategy employed to convert coal or biomass (solids) to liquid
fuels is gasification followed by Fischer-Tropsch synthesis. The gasification process
produces a chemically reactive syngas (hydrogen and carbon monoxide), and the syngas
is catalytically converted to hydrocarbons by the Fischer-Tropsch process. Natural gas
(NG) can be reformed into syngas, whereby either a Fischer-Tropsch process converts it
to liquid fuels or a purification process is used to produce hydrogen. Biofuels such as
ethanol can be produced by breaking down the cellulous of organic matter (biomass) into

sugars, and fermenting the sugars into alcohol.

Concerning the electricity-to-fuels pathway, electricity must be produced by an
energy source, so there must be another process that generates electricity before the
electricity can be converted to fuel. Conventional methods of electricity generation use
the heat from coal or natural gas combustion. It would be inefficient and wasteful to use
coal or natural gas for electricity generation (e.g. electricity from the grid) followed by an
electricity-to-fuels process because there are more direct ways to the fuel product, as
shown in Figure 1.3. Alternatively, using electricity produced from a renewable resource
such as wind allows a more direct conversion of the energy source, and there are no
additional carbon emissions. To produce fuel from electricity, an electrolytic process
must be involved; this process electrochemically converts chemical molecules (e.g. water
and/or carbon dioxide) into a useful fuel (e.g. hydrogen or syngas). Water can be
converted directly to hydrogen by electrolysis, but the production of hydrocarbons
requires a carbon source; recycling carbon dioxide which is captured from processes

described in Section 1.4 can provide this carbon source.

The conventional method for hydrogen production is a process called steam
methane reforming (SMR), which catalytically reforms methane (from natural gas) to
hydrogen and carbon monoxide. Further processing is required to produce pure hydrogen,
but this is a technologically mature process which is used commonly in the oil refining
industry. The SMR process has been a proposed strategy for distributed, small-scale
hydrogen production to make hydrogen available for FCVs. SMR is not a renewable



process for hydrogen production, and carbon dioxide emissions are not mitigated by this

strategy.

There are several common factors which influence the viability of all

transportation fuel pathways:

e Production
0 Conversion of resource to useful fuel
O The focus of this thesis
e Transmission
0 Long distance transport from production plant to city-gate
¢ Distribution
0 Complex transport network throughout the city.
e Fueling stations

0 Storage and dispensing to consumer

Production involves the conversion of the energy resource into useful fuel; this
could be a large, centralized plant or a small-scale, distributed plant. For example, an oil
refinery is a large centralized plant which produces gasoline and diesel fuel by processing
the crude oil. Transmission refers to long distance travel, most commonly referring to
pipeline transport from the production plant to the city-gate. Tanker trucks traveling long
distances from the oil refinery to the city-gate could also be regarded as transmission,
although the same trucks would be responsible for distribution to the fueling stations.
Distribution refers to the transportation network to deliver the fuel throughout the city to
the consumer or fueling station. The fueling stations are used to store the delivered fuel
and dispense it to the consumer on-demand. Following the production of a fuel, the
transmission, distribution, and fueling station (TD&F) factors add cost and inefficiency to
the process of delivering the produced fuel to the consumer. While this thesis does not
focus on in-depth cost and efficiency analysis for TD&F, it is clear that avoiding

additional costs and inefficiencies associated with TD&F is beneficial.



1.6 Thesis Focus: Renewable and Alternative Pathways to Fuel Production

This thesis focuses on renewable and alternative strategies for transportation fuel
production. Two mid-scale (~50 MW) fuel production plants demonstrate options for the
electricity-to-fuels pathway using renewable electricity and recycled carbon dioxide. The
first study (Chapter 2) considers hydrogen (produced from renewably powered
electrolysis) as a feedstock to a synthetic natural gas (SNG) production plant, which
catalytically converts hydrogen and carbon dioxide to SNG. The second pathway
(Chapter 3) presents the production of gasoline and diesel fuels from renewably powered
co-electrolysis of steam and carbon dioxide followed by Fischer-Tropsch synthesis. An
alternative strategy (Chapter 4) to SMR for meeting the hydrogen demand of small-scale
FCV market penetration using stationary fuel cell technology for the polygeneration of

hydrogen, heat, and electricity (CHHP) is presented.

1.6.1 Mid-scale Fuels Production Plants

Using renewable energy resources to produce fuel limits the plant size due to the
geographical barriers and the diffuse and intermittent nature of resources such as wind
and solar energy. With enough geographical area and favorable weather conditions, wind
energy can produce electricity at scales up to 800 MW for the largest U.S. wind farms.
These large wind farms are only feasible in select areas, and it is necessary to scale the
production plant down to accommodate the capabilities of smaller wind farms. Also, the
fuel production plant capacity should be sized to less than that of the wind farm, so that a
higher operating capacity (percentage of time that the plant is operating at full capacity)
can be obtained; if only a portion of the wind turbines are operational at a given wind
farm, the plant could still run at a high capacity. The strategy of under-sizing the plant to
the wind farm will increase the capacity factor to some degree, but the plant capacity
factor will only be slightly greater than that of a wind farm (30-40%). The effects of
capacity factor on the economics of fuel production will be explored for the mid-scale

plants presented in Chapters 2 and 3.

While the capacity factor is important, it is also necessary to have a large enough

production plant to benefit from the economy of scale for the capital investment of the
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plant. The scale of the two fuel production plants modeled in this thesis is chosen to be
about 50 MW, which considers aspects of operating capacity and economy of scale from
which the main energy source is a wind farm. The following fuel production plants are
options to increase the renewable energy portfolio for the gas fuel and transportation

markets while recycling carbon dioxide.

1.6.2 Hydrogen (from Electricity) to SNG

Natural gas, comprised mostly of methane, is the most common fuel for
residential and commercial building use, and there is also a growing transportation sector
using CNG-fueled vehicles (NGV). The natural gas industry has established an extensive
transport network of piping to deliver natural gas to homes, buildings, and to a lesser
extent, CNG fueling stations. CNG fueling stations are mostly found in urban areas
where fleets of bus and taxi-cab NGV are common. Using renewable sources of energy
to eventually produce a synthetic natural gas (SNG) would take advantage of the
established transport and end-use infrastructure to leverage the value of the SNG product.
Figure 1.4 shows the distribution network of natural gas pipelines in the U.S. and their
proximity to power plants. It is clear that the network is extensive, and the pipelines are

located close to existing power plants.

The U.S. has approximately 300 thousand miles of natural gas pipeline. An
estimate for the cost of constructing an equivalent length of hydrogen pipelines
(assuming 12 inch diameter) is $160 to 300 billion [5][6]; these costs are not inclusive of
decommissioning the existing natural gas pipelines. The task of building pipelines in
highly populated and developed cities is even more complex than just lengthy rural
transport pipelines due to concerns of avoiding other infrastructure and general safety. In
addition to transport costs, the replacement of appliances which are designed to use
natural gas (stoves, furnaces, etc.) is an indeterminate large cost for a hydrogen economy.
Regarding the transportation market for hydrogen and compressed natural gas, fueling
stations are required. Storage of natural gas is less energy and cost intensive due to the

increased volumetric energy density of natural gas compared to hydrogen. Although
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much less abundant than gasoline fueling stations, there are many more compressed

natural gas stations currently in place than hydrogen fueling stations.

*opulation
and Power Plants

Figure 1.4 Natural gas pipeline infrastructure and power plant locations [4]

Renewably generated hydrogen can be produced by wind-powered electrolysis,
which is a commercially available technology. The hydrogen can then be converted to
SNG with conventional technologies in a process called methanation, and the SNG can
be used as a fuel in the current infrastructure. Figure 1.5 illustrates an alternative pathway
architecture in which the hydrogen is converted to SNG at the city-gate, whereby the
existing natural gas pipelines are used to distribute the fuel. In comparison to the
hydrogen pathway architecture from Figure 1.1, the additional costs of SNG production

replace the additional costs of the distribution network and end-use applications.

As shown in Figure 1.5, the electrolysis plant is located at the wind farm, so the

hydrogen must be piped to the city-gate, where the SNG plant is located. The carbon
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dioxide feedstock comes from a power plant which is also located at the city-gate. The
SNG is compressed and piped using the NG infrastructure, and it is distributed

throughout the city to fueling stations and residential consumers.

Figure 1.5 Hydrogen from wind-powered electrolysis to SNG production architecture

The SNG plant is located at the city-gate to allow the carbon dioxide to be
delivered locally, while the hydrogen production is assumed to be at a location favorable
for a wind farm. Although there is still the cost of a hydrogen pipeline in this scenario,
the majority of this pipeline would span a relatively low-populated, rural area on which a
pipeline is more easily built. The alternative is to locate the methanation plant near the
hydrogen producing wind-powered electrolysis plant, but this would require both a
carbon dioxide pipeline to the plant and an additional natural gas pipeline to the city-gate.
By locating the plant at the city-gate, the SNG plant can easily take advantage of the
existing natural gas compression stations and pipelines for distribution throughout the

city.
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It is recognized that natural gas is a relatively cheap utility in the energy market,
and renewable hydrogen is much more expensive; this will make the SNG more
expensive than conventional natural gas. In addition, the sources of carbon dioxide are
limited because there are few power plants which currently employ CC&S. It becomes a
challenge to warrant the production of SNG using this pathway by comparison to the
present natural gas market, so it is emphasized that the motivation of this study is to
increase the market penetration of renewable energy through its conversion to a usable
fuel. The “hydrogen to SNG” study in this thesis aims to quantify the performance and
economics of a renewable pathway to SNG by way of converting renewably generated

hydrogen (from electrolysis) with recycled carbon dioxide.

1.6.3 Electricity to Gasoline & Diesel

The hydrogen economy would satisfy the transportation market by using
hydrogen for fuel cell-powered vehicles. As mentioned above, establishing an
infrastructure for distributing hydrogen throughout cities (to fueling stations) would be
expensive. Additional pipelines and fueling station equipment are required to establish an
infrastructure for the transportation market, and it is estimated that the costs of
constructing a hydrogen delivery infrastructure to serve 40% of the light duty vehicle
fleet is greater than $500 billion [6]. These costs motivate research into alternative

renewable energy pathways to satisfy the transportation fuels demand.

Liquid fuels have a high volumetric energy density and are easily stored and used
for vehicles. Renewably generated liquid fuels can supply some of the transportation fuel
demand. The Fischer-Tropsch process involves the conversion of syngas (hydrogen and
carbon monoxide) to higher chain hydrocarbons which can then be processed into
gasoline and diesel liquid fuels. The resource for syngas generation must be renewable in
order to have a renewably generated liquid fuel. Several methods are available for
producing renewable syngas; one method is wind-powered co-electrolysis of carbon
dioxide and water; Figure 1.6 illustrates this electricity to liquid fuels pathway

architecture. The co-electrolysis and liquid fuels production plant would be located at the



14

wind farm site to capture the generated electricity without suffering transmission losses.

The fuel would be transported to fueling stations for dispensing to cars and trucks.

The carbon dioxide can be supplied by a power plant or fuel production plant
which utilizes CC&S, such as the GPSP. In a future scenario, the carbon dioxide source
for co-electrolysis could include a biomass gasification plant, but no such commercial
plants exist at this time. The product gasoline and diesel fuels can directly be used in the

transportation market.

Figure 1.6 Electricity to liquid fuels production architecture

In comparison to the SNG production plant, the liquid fuels production plant in
this study bypasses the separate hydrogen production process and creates a useable fuel
directly from the wind-generated electricity. This eliminates the need for a hydrogen
pipeline, but it requires a carbon dioxide pipeline to the plant, such as the one from the
GPSP. A water source is assumed to be available near the wind farm. The market value
for gasoline and diesel fuels is higher than that of natural gas; a 3.50 $/gal cost of
gasoline is equivalent to 28 $/MMBTU, and the average cost of natural gas in the U.S. is
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10 $/MMBTU. The energetic equivalent market value for gasoline is almost three times
higher than that of natural gas, so the economics of a renewable conversion process to
gasoline is leveraged in comparison to SNG production. It should be noted if the natural
gas transportation market grows significantly, the demand and value of natural gas will
increase. This study aims to quantify the costs of a renewable pathway to gasoline and
diesel fuels by way of wind-powered co-electrolysis of water and carbon dioxide and

subsequent Fischer-Tropsch synthesis.

1.6.4 Small-Scale Hydrogen Production using SOFC Polygeneration

An alternative pathway to hydrogen from natural gas SMR is to combine the fuel
production with heat and power generation (CHHP). Distributed generation is a scenario
where an increased number of small-scale power generating units are distributed
throughout the grid. Distributed generation allows for increased high efficiency power
generation and flexibility for producing fuels at smaller-scales. Small-scale hydrogen

production can more closely match the demand of FCVs.

Fuel cells are power generating devices which are receiving increased attention
for their high efficiency compared to conventional methods (e.g. internal combustion
engines). Solid oxide fuel cell (SOFC) systems exhibit high overall efficiency, especially
when more than one useful commodity is produced. Co-generation is generally
considered the generation of two products, such as electricity and heat (CHP), while the
generation of three or more products is termed polygeneration (e.g. CHHP). SOFC units
are attractive for near-term implementation because they can operate on natural gas. As a
transition to a large market demand for hydrogen, small-scale production is preferred. By
employing polygeneration, the plant capital investment is leveraged across all co-

products, potentially offering lower hydrogen unit costs.

Figure 1.7 illustrates the architecture for the SOFC CHHP plant. The plant would
be located near a large building or building cluster for which the electricity and heat is
used. A fueling station to dispense the produced hydrogen would be co-located near this

building, so no hydrogen transmission or distribution is necessary. While there are
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aspects of electricity and heat demand profiles that need to be addressed to apply the
SOFC plant to a particular building, this study only focuses on the production of these co-
products. The SOFC plant could be used to baseload the electric demand for a building

cluster, so the production would not be dependent on the demand profiles.

ty o

Figure 1.7 SOFC Co-generation plant with hydrogen production architecture

Although the SOFC system can be fueled by a renewable fuel such as SNG from
the production plant in Section 1.6.2, it should be noted that a pathway from hydrogen to
SNG and then back to hydrogen (and electricity and heat) is not an effective means of
preserving the source energy (wind turbine electricity). The motivation behind this study
is to quantify the costs of producing hydrogen regardless of the NG source, which closely
matches the demand of a small FCV fleet, while co-producing electricity and heat in a
high efficiency generator. Matching the FCV demand for hydrogen along with producing
electricity and heat is a strategy for near-term market penetration of high efficiency

distributed generation.
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1.7 Prior Work

Several studies have analyzed alternative pathways to renewable fuels. Dean et al.
[7] analyzed hybrid fuel (hydrogen) and electricity production plants using biomass
gasification. The aim is to supply the shortfall of electricity generated by a wind farm
with electricity from a biogas-fueled turbine and produce hydrogen if the wind farm
meets the electricity demand. This enables the plant to produce the higher value product,
either electricity or hydrogen, depending on the demand. Several variations of technology
deployment were evaluated for hydrogen production in the hybrid plant, including
purification processes and electrolysis. It was found that the direct processing and
purification of biomass-derived syngas is a cost effective approach to hydrogen
production at costs of 2.1 $/kg-H; (1.9 $/GGE, where GGE is the gallon of gasoline
equivalent). The study considered the intermittency of wind resources and the
geographical regions for which both wind power and biomass availability coincide. This
scenario is consistent with a hydrogen economy, for which electricity is supplied by

biomass or wind, and hydrogen fuel is produced for the transportation market.

Gassner et al. [8] analyzed a hybrid SNG production plant from the gasification of
wood (biomass). The gasified wood gas stream did not have sufficient hydrogen for full
conversion to SNG (mostly methane), so an electrolysis process was used to produce the
make-up hydrogen. Electricity was produced internally using heat from the exothermic
methanation reaction to drive a steam rankine cycle. This is a unique hybrid system using
multiple technologies, and the integration of the electrolyzer resulted in improved
performance and reduced carbon emissions for SNG production. Overall plant energy
efficiencies of biomass to SNG ranged from 70-80% HHV. The SNG production cost
ranged from 24-42 $/MMBTU (2.9-5.1 $/GGE).

Larson et al. [9] conducted analysis on producing multiple fuels from biomass
gasification, including Fischer-Tropsch liquid fuels, dimethyl ether, and hydrogen. In
addition to these fuels, electricity co-production using syngas produced from the
gasification was also analyzed. The fuels production cost from this analysis depends
highly on the biomass feedstock cost and the price at which electricity can be sold. The
economic analysis resulted in fuel costs in the range of 15-25 $/GJ (2.0-3.3 $/GGE).
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Carbon dioxide capture from these fuels production plants was analyzed, and this
represents a scenario where renewable carbon dioxide could by re-used in the two
synthetic fuels production plants described in Section 1.6.1. Since the fuel source for the
fuel production plants in Larson et al. [9] is biomass, the cycle is carbon neutral. This
analysis was done for very large production scales (~1000 MW) to benefit from economy
of scale; while this size plant is achievable for biomass in limited areas, smaller scale
production plants are more relevant for renewable energy sources that integrate wind or

solar.

Graves et al. [10] presents technologies and processes for various renewable, non-
biological pathways to liquid fuels. Recycling carbon dioxide is also discussed in relation
to producing hydrocarbon fuels such as gasoline and diesel. Electrochemical,
thermochemical, and photochemical methods were considered for the dissociation of
water and carbon dioxide into syngas (hydrogen and carbon monoxide). The screening
study for syngas production technologies resulted in high temperature co-electrolysis as
the most promising method based on its efficient conversion of electricity and heat, high
reaction rates, and direct production of syngas. Fischer-Tropsch synthesis was chosen for
the conversion of syngas to liquid fuels. The resulting production cost range for gasoline
and diesel fuel is 2-10 $/GGE, and the actual value depends highly on the cost of
electricity and intermittency of the electricity source (e.g. wind turbines). The
investigated sources for carbon dioxide included capture from biomass and fossil power
plants, and direct capture from the air using various sorbent technologies. Direct carbon
dioxide capture from the air offers another carbon-neutral cycle for liquid fuels
production; this method was not considered for the source of carbon dioxide in this

thesis.

Colella et al. [11] analyzed the polygeneration of hydrogen, heat and power from
an SOFC system, and several advantages for generating hydrogen in this way were
highlighted: controlling the production of hydrogen to meet the demand (otherwise
produce more heat), kick-start the availability of hydrogen to promote the production
FCVs without the supply and demand gap from centralized, large-scale hydrogen

production plants, and generate hydrogen with less carbon emissions than conventional
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methane reforming. Hydrogen production control is obtained by changing the amount of
the SOFC effluent that enters the hydrogen separation unit, by which the amount of
combustible fuel that goes to heat recovery also changes. This control allows for
decreased hydrogen storage requirements, which are energy and cost intensive. The
production cost of hydrogen was not analyzed by Colella et al. [11]. By producing
smaller amounts of hydrogen on-demand, there is potential for deployment FCVs while

not over-supplying the near-term hydrogen demand.

1.7.1 Conclusions Drawn from Prior Work

The previously reviewed studies from the literature demonstrate the wide range of
pathways and processes which are currently being considered to produce fuels from
various renewable energy resources. While there are similarities between studies from the
literature and the processes explored in this thesis, the research presented in this thesis
includes the most detailed modeling and analysis of the three fuel production pathways,
and there are unique processes for each pathway which are evaluated. The SNG
production plant presented in Chapter 2 analyzes the electricity pathway (first to
hydrogen), as opposed to the biomass pathway from Gassner et al. [8], to SNG. An SNG
production plant from the hydrogenation of carbon dioxide has not been modeled

previously.

The heuristic analysis from Graves et al. [10] of using renewably powered co-
electrolysis with Fischer-Tropsch synthesis is a similar pathway to the study explored in
Chapter 3, but no actual model to account for process efficiencies and subsystem
synergies were made in Graves et al. [10]. A detailed thermochemical and economic
analysis is given in this thesis for Fischer-Tropsch liquid fuel production from renewably
powered co-electrolysis. The work of Colella et al. [11] is a similar analysis for hydrogen
production using polygeneration from fuel cells, but other technologies for hydrogen
separation are explored in Chapter 4 to increase hydrogen production efficiency; the

production costs of hydrogen are also determined in the present study.
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For each fuel production pathway explored in this thesis, many other literature
sources are referenced for component-level modeling to achieve a well-designed system.
This thesis contributes to the progress of pathway exploration by conducting detailed
design modeling, process simulation, and economic analysis for three fuel production

plants for which no previous studies have accomplished.

1.8 Modeling and Simulation Methodology

The modeling and simulation of the fuel production plants are carried out using
Aspen Plus™ software, which is a thermochemical process simulator. Thermodynamic
performance parameters and chemical reactions are specified by user input or predicted
from thermodynamic and reaction chemistry solvers in the software. Using this
simulation tool, all of the technologies from the fuel production plants were able to be

modeled using performance estimation from literature, industry, and academic sources.

The fuel production cost was determined by using the H2A life cycle cost analysis
tool developed by the National Renewable Energy Laboratory to calculate levelized cost
of hydrogen production from various pathways. The production costs of other fuel
products (e.g. SNG, gasoline, and diesel) from the pathways explored in this thesis are
determined using this software. A detailed description of the parameters (capital
investment, O&M, etc.) used to determine the levelized cost of fuel is given for each

study.

1.9 Thesis Outline

This thesis presents the design, performance, and economic analysis of three fuel
production plants. Chapter 2 presents an SNG production plant from renewable hydrogen
and recycled carbon dioxide. Chapter 3 presents a gasoline and diesel fuels production
plant which employs high temperature co-electrolysis and Fischer-Tropsch synthesis.
Chapter 4 presents small-scale hydrogen production from a natural gas fueled SOFC

CHHP polygeneration plant.
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In each of these three chapters, a summary of relevant work from the literature is
first given. Next, in-depth analysis of the major technologies associated with each plant is
presented. The model of supporting plant processes is then explained to justify the chosen
overall system design. The thermochemical performance of each plant is described with a
discussion of the results. A life cycle cost analysis is then presented to determine the cost

of fuel production.

Chapter 5 will summarize and compare the results from the three fuel production
plants, including a high level analysis of TD&F costs to compare relative advantages of
the presented pathways to central hydrogen production. Chapter 6 includes a discussion
of the results and implications of the viability of these pathways, and suggestions are

made for future research opportunities.
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CHAPTER 2

SYNTHETIC NATURAL GAS PRODUCTION PLANT

The natural gas distribution infrastructure is well developed, enabling the fuel to
be transported long distances via pipelines and easily delivered throughout cities. Using
the existing pipeline to transport renewably generated synthetic natural gas (SNG) can
leverage the value of the product. This study aims to develop a plant design and evaluate
the performance and economics of producing SNG by reacting renewably generated
hydrogen with carbon dioxide. The carbon dioxide feedstock is assumed to be captured
and scrubbed from an existing coal fired power plant at the city-gate, where the SNG
plant is co-located. The economic analysis includes a sensitivity analysis of SNG
production cost on the hydrogen feedstock cost and operating capacity factor. No large-
scale carbon dioxide methanation plants have been modeled at present, and this study
aims to characterize the performance and economics of SNG production from a

renewable hydrogen pathway.

This chapter will present previous work in SNG production, followed by a
description of the methanation process with equilibrium and kinetic (from literature)
considerations. The methanation reaction analysis is used for the design of a large-scale
fixed bed reactor with cooling. The process of the plant, including feedstock clean-up,
reactor design, process integration, and chemical separation processes will be discussed.

A discussion of the process simulation results and an economic analysis is then given.

2.1 History

Methanation has been a common practice for eliminating carbon monoxide and
carbon dioxide in various chemical processes such as ammonia production and natural
gas purification; for these processes, only small amounts (1-3% molar basis) of carbon

oxides need to be converted to methane. A “bulk” methanation process is unique due to
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the high concentration of carbon oxides and hydrogen. In addition, the carbon dioxide is
the only carbon source, and the reaction characteristics of carbon dioxide are much

different than carbon monoxide.

In the late 1970’s and early 1980’s, there was a strong effort for the production of
methane from the gasification of coal [12]-[15]. Studies were conducted to determine the
design of such a process, and much insight was gained about reactor conditions and the
gas processing required for the production of SNG. The gasification of coal produces a
syngas which is composed mainly of hydrogen and carbon monoxide. The methanation
process was commonly designed using a series of adiabatic reactors, and the reactor
temperature rise was controlled with the use of recycle and inter-stage cooling [15]. The
predominant catalyst chosen for the methanation reactors was supported nickel due to its

high activity, high selectivity to methane, and relatively low cost [16].

The Dakota Gasification Company operates a coal gasification plant at the Great
Plains Synfuels Plant (GPSP) in North Dakota, where the main product is SNG [17].
Pelleted supported nickel catalyst is used in a packed bed reactor with inter-stage cooling
to produce high pressure steam. It was found that the process operated well if sulfur was
removed prior to the reactor due to the sensitivity of the catalyst to sulfur poisoning.
Panek et al. [17] stated that carbon dioxide hydrogenated to methane in the reactor, but

the reaction was not as complete as carbon monoxide hydrogenation.

While the technologies required for methanation are in commercial phase,
including sulfur removal units, fixed bed reactors, carbon dioxide separation units, and
the required balance of plant components, there is no demonstrated industrial-scale bulk
methanation process which reacts large concentrations of carbon dioxide with hydrogen
to produce SNG. Because of this, there is much uncertainty about carbon dioxide
reactivity and selectivity to methane. There are many studies which aim to characterize
the kinetics of carbon dioxide methanation on a laboratory scale, and their results give
insight into the desired operating conditions of the process. The details of several
literature sources on carbon dioxide methanation kinetics and a proposed multi-tubular

fixed bed reactor design are given later in this chapter.
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2.2 Methanation

The process of reacting one mole of carbon dioxide (CO,) with four moles of
hydrogen (H,) over a catalyst is termed the Sabatier process of methanation described by

Equation (2.1).

The reaction produces one mole of methane (CH4) and two moles of water (H,O). The
reaction is highly exothermic and the number of moles decreases as the reaction proceeds
to the right (forward). The forward direction of the Sabatier reaction is favored at lower
temperatures due to its exothermicity and high pressures due to its stoichiometric molar

contraction.

2.2.1 Equilibrium

The thermodynamic equilibrium trends for the methanation reaction are important
for preliminary consideration of reactor operating conditions. Figure 2.1 illustrates the
temperature dependence of the equilibrium composition at atmospheric pressure with a
stoichiometric feed of hydrogen and carbon dioxide (4 to 1). The equilibrium

compositions were calculated from a Gibbs free energy minimization solver.

At low temperatures, the equilibrium concentration of CO; is very small, which
corresponds to a high degree of the reaction proceeding in the forward direction. The CHy4
concentration decreases as the temperature increases, and CO forms at temperatures
greater than 450 °C due to the reverse of the water gas shift (WGS) reaction, shown in

Equation (2.2).
CO+ H,0 < Hy+CO, AHp,, = —41kJ (2.2)

The trends in Figure 2.1 are due to the competing methanation and WGS
reactions. The maximum in CO; concentration (at 550 °C), is indicative of the WGS
reaction beginning to proceed in reverse (consuming CQO,) at a similar rate as the reverse

of the methanation reaction (forming CO,). As the temperature exceeds 600 °C, the
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reverse of the WGS reaction dominates, producing equal amounts of CO and H,O, while

consuming H; and CO,.
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Figure 2.1 Temperature dependence of equilibrium molar composition at P=1atm and
H,:CO, feed ratio of 4:1

The pressure dependence on the CH,4 concentration can also be shown, as in
Figure 2.2. The CH4 concentration increases at higher pressure, but there is not
significant increase in CH4 concentration at pressures near 20 bar. The stoichiometric
ratio for H,:CO; of 4:1 results in the highest equilibrium concentration of CH4. While
similar amounts of CO; react to form CH, for a feed ratio of 4:1 and 5:1, the unreacted

H, dilutes the concentration of the gas mixture, which lowers the concentration of CHa.

Considering operation at high pressure, Figure 2.3 illustrates the temperature

dependence of the equilibrium composition at 20 bar.
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At a pressure of 20 bar, there is only small decrease in CH,4 concentration
operating at temperatures up to 400 °C. This is particularly beneficial for the kinetics of
the catalytic reaction which are favored at temperatures of 300-400 °C, as will be
discussed in the following section. The formation of CO does not occur until the

temperature exceeds 550 °C (as opposed to 450 °C for atmospheric pressure).

2.2.2 Kinetics

The Sabatier reaction is thermodynamically favored, since the Gibbs free energy
of the reaction is largely negative (-113.5 kJ). However, the reduction of carbon dioxide
to methane requires a catalyst to promote the elemental steps of dissociation and
formation required for the conversion [18]. The thermodynamic considerations are used
while the necessary temperatures and pressures favorable for the reaction kinetics are
determined. For supported nickel catalysts, activation requires temperatures of greater
than 250 °C [19]. Catalysts suitable for methanation have high nickel content, and there is
a temperature limit of around 600 °C to mitigate catalyst sintering [20]. For molar
contracting reactions, such as methanation, high pressure is generally favorable for the

reaction kinetics.

2.2.2.1 Rate Laws

Literature with experimental data is reviewed for the Sabatier reaction. Reaction
rate laws for relevant feed concentrations of hydrogen and carbon dioxide were used to
gain insight into conversion extents and limitations for appropriate reactor design

parameters: geometry, catalyst loading, and cooling methods.

Two main forms of reaction rate equations are found in the literature and are
discussed in this section: power law and Langmuir-Hinshelwood-Hougen-Watson
(LHHW) models. Irreversible power law models based on partial pressure have the form

of Equation (2.3).
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r=k HPL-W (2.3)
i

k = el (24)
In Equations (2.3) and (2.4), k is the rate constant, P; is the partial pressure of

species i, v; is the experimentally determined “order” with which the reaction depends on
species i, 4 is the pre-exponential factor, E, is the activation energy, and R is the
universal gas constant. Irreversible rate laws with normal kinetics (positive reaction order
with respect to the reactants) indicate that a reaction will proceed faster when operating at
high temperatures and pressures. Other considerations such as catalyst activation
temperature, catalyst sintering, and equilibrium must be made to ensure physical
realization of these rate equations. Irreversible rate laws assume the condition of kinetic

limitation of reaction extent (the equilibrium composition is not approached).

Chlang et al. [21] performed a kinetic study and derived an irreversible power law

rate, shown in Equation (2.5).
ren, = kPl Peo, (2.5)

The reactor temperature for the experiments ranged from 277 to 318 °C, and the reactor
pressure ranged from 10.5 to 17 atm. The initial composition of carbon dioxide ranged
from 17 to 33% with balanced hydrogen. The reaction was carried out over a differential
tubular reactor with 58% nickel catalyst. The small operating temperature range carried
out for this kinetic study limits the robustness of the rate equation. The reaction order is
empirical (not based on certain reaction steps), as can be seen from the fractional powers
for H, and CO; partial pressures. From Equation 2.5, it is implied that increasing the
concentration of CO; has a larger effect on the reaction rate than increasing the

concentration of Hy.

Saletore et al. [22] also derived an irreversible power law rate, shown in Equation

2.6).
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e, = kP PO Pl (2.6)

The rate constant k=0.725 gmol/(hr-gcat-atm®*

) was shown to be independent of
temperature if operated over 300 °C (the study operated at temperatures up to 400 °C.
The reactor was operated at pressures up to 8 bar. The negative exponent for the water
partial pressure indicates that water removal favors the kinetics of reaction. The validity
of this reaction rate requires the following conditions: temperatures greater than 300 °C,
high (> 10%) concentrations of CO,, and large catalyst particles (>1.6mm diameter); it is
apparent that these constraints on reactor conditions will be met by the reactor conditions

in this study’s SNG production plant. Contrary to Equation 2.5, Equation 2.6 indicates

that the H, partial pressure has a greater effect on reaction rate than CO,.

LHHW reaction rate models account for adsorption steps in the reaction
mechanism which lowers the rate by a factor based on the adsorption (onto the catalyst)
equilibrium limitations of the reacting species. The LHHW rates have the following

form:

kI P
r= —
[1+T1: KiP”]

(2.7)

K 1s the adsorption constant of species i. LHHW reaction rate laws inherently describe
the reaction mechanism by describing the adsorption mechanism. The partial pressure
terms in the denominator represent the species that go through adsorption steps in the
reaction. These rate laws combine reaction mechanism theory with experimental fitting

parameters such as the apparent activation energy (used to calculate k).

Seglin [16] presents a reversible LHHW rate law shown in Equation (2.8).

PCH4P12'120
2
K1Pi, (2.8)
1/2 5
(P} + CaPeo, + C3]

C1 PC02P12-12 -

TcHy =
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C), C,, and Cj; are experimentally determined parameters which are a function of
temperature. The temperatures in this experimental study ranged from 260 to 399 °C, and
the pressure was held constant at 1 bar. This rate equation infers that the adsorption of H;
and CO; are limiting steps in the reaction. The reversible term in this rate equation
indicates that the reaction can approach an equilibrium limited regime. The complexity of
this equation along with the ambiguity of determining the temperature dependence from
the reference makes it difficult to implement in an Aspen Plus™ kinetic reactor model for
simulation. Also, the low pressure of operation could lead to invalid kinetic performance

prediction when operating at elevated pressures.

Hoekman et al. [23] conducted an experimental study of the carbon dioxide
methanation reaction in a tubular, packed-bed reactor. The study used a modern (2009),
commercially available catalyst with a 20-25% nickel loading. The laboratory scale
reactor was operated at various temperatures and feed compositions to determine the

optimum operating conditions.

Hoekman et al. [23] found the highest carbon dioxide conversion, defined in
Equation (2.9), of around 80% at H,:CO, feed ratios of 6:1 (ratios tested were 2:1, 4:1,
and 6:1). This operating point corresponded to a temperature of around 325 °C, as shown

in Figure 2.4.

X — COZ,in - COZ,out
€02 COz

(2.9)

A near linear increase in conversion occurs at temperatures up to around 275 °C,
and the maximum conversion was predicted at around 325 °C. The decline of conversion
as temperatures exceed 325 °C was not explained, but this gives concern to operating the
reactor temperature at excessively high temperatures. The proceeding of the reverse of

the methanation reaction at higher temperatures could be the reason for this maximum.

The conversion efficiency, defined in Equation (2.10), was found to be the highest
at the lowest tested H,:CO, ratio of 2:1, meaning the reactor proportionally converted the

most carbon dioxide relative to the hydrogen feed (Figure 2.5).
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Figure 2.4 CO; conversion dependence on catalyst temperature; experimental data
(symbols) from Hoekman et al. [23]

Xefficiency = Hym (2.10)
The results suggest that the optimum molar ratio of hydrogen to carbon dioxide
depends on the overall system process. If hydrogen is the limiting and most valued
reactant, and there is no recycle employed, then the highest efficiency for each reactor
pass is desired (H,:CO; of 2:1). With a series of reactors and recycle employed, there is a
trade-off between per pass conversion and the penalties for a separation process and
recycle compression energy. There are limitations on acceptable levels of carbon dioxide

and hydrogen in the delivered SNG product which are considered for these decisions.

The size of the reactor and amount of catalyst required for a certain conversion of
carbon dioxide can be measured by the space velocity, which is the inverse of the
residence time. The space velocity defines the amount of reactor volumes of reacting gas
that can be treated per hour (expressed in units of hr''). As the space velocity increases,
the residence time of the reactant molecules on the catalyst decreases, and it is expected

that the conversion will consequently decrease. The effect of space velocity was
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experimentally determined from Hoekman et al. [23] at the operating condition of 300 °C

with an H,:CO; of 4:1, as shown in Figure 2.6.

CO, Conversion Efficiency
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Figure 2.5 CO, conversion efficiency dependence on catalyst temperature for various
H,:CO, feed ratios; data from Hoekman et al. [23]
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Figure 2.6 CO; conversion dependence on space velocity for a H>:CO; feed ratio of 4:1;
experimental data from Hoekman et al. [23]
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The CO; conversion has a negative linear correlation with space velocity. Space
velocity variations from 4000-18000 hr' result in conversions of 70-55%. This implies a
trade-off between reactor capital and catalyst costs (high for low space velocities) and the

desired per pass conversion (low for high space velocities).

2.2.2.2 Effects of Carbon dioxide, Carbon Monoxide, and Water Concentrations

Habazaki et al. [24] explored the relational effects of carbon dioxide and carbon
monoxide in the methanation reaction. It was found that carbon monoxide preferentially
hydrogenates before the carbon dioxide when both are present in the reactor. This
suggests stronger adsorption of carbon monoxide than carbon dioxide on the catalyst
surface. Compared to feeding carbon monoxide alone, the carbon monoxide methanation
reaction increased when carbon dioxide was present in the feed. This was hypothesized to
be due to resistance of carbon deposition because excess oxygen is present. There have
been several studies confirming that carbon monoxide will inhibit carbon dioxide
methanation until the carbon monoxide concentration is near equilibrium levels (e.g.
Weatherbee et al. [26]). This supports the conclusion that negligible carbon monoxide

will be present in the reactor effluent gas.

Habazaki et al. [24] also looked at the effect of water removal on the conversion
of carbon dioxide to methane. By removing water in between reactor stages, the
conversion of carbon dioxide increased drastically. Water removal effectively drives the
water gas shift reaction (Equation (2.2)) to the left, so more carbon monoxide will form

and subsequently hydrogenate to methane.

2.2.3 Methanation Reaction Conclusions

The variability in these kinetic studies on bulk methanation of carbon dioxide
demonstrates the uncertainty for large scale reactor design. While the required catalyst
volume and weight for a certain conversion can be determined from rate laws, the
distribution of the catalyst in the reactor and the amount of time that the reactants “see”

the active catalyst are determining factors for reactor design. The rate equations from
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Section 2.2.2.1 can be used to calculate the required catalyst volume from a given inlet

flow rate, composition, and conversion using Equation (2.11).

(2.11)

Vear =

F, (¥dx
Pcatfo -
V.q¢ is the required catalyst volume (m®), F;, is the molar flow rate (mol/s) of the reacting
species i, Peqe 18 the bulk catalyst density (kg/m’), X is the specified conversion of
species i, and 1; is the reaction rate (mol/s-kgcat) for species i. It is found that the
resulting catalyst volume calculations from the rate equations differed greatly, and they
underestimate the catalyst requirement in comparison to space velocity suggestions by

Hoekman et al. [23], from which the reactor can also be sized using Equation (2.12).

V.
Sy = rer (2.12)
v

The volume of the reactor is calculated using v, the standard volumetric flow rate of the
feed gas (Sm?/s), and SV (hr™"), the chosen space velocity. As an example calculation, a
volumetric flow of 7 Sm?/s (similar to the flow rate for a methanation reactor in this

study) and a chosen space velocity of 10,000 hr™' results in a reactor volume of 2.5 m’.,

The author suggests that the rate equations given in Section 2.2.2.1 overestimate
the rate of reaction, and the study from Hoekman et al. [23] is more reliable due to the
modern experimental setup and commercial catalyst used. The underestimation of
catalyst weight may have resulted from the ambiguity (and non-disclosure) of the catalyst
support geometry (nickel distribution, effective surface area, etc.) from the kinetic studies

in the literature and modern commercial nickel catalysts.

The rate equations given in this section are used to explore the possible reaction
profiles in the reactor which is necessary to determine appropriate cooling methods. The
kinetic based profile gives insight into the “hot spots” by identifying possible maximum
temperature gradients in certain locations of the reactor. The Hoekman et al. [23]

methanation study employing a modern commercial catalyst is used to estimate the
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conversion of carbon dioxide based on the feed gas composition and flow rate; the

suggested space velocity required to accomplish the conversion is used for reactor sizing.

2.3 Methanation Reactor Design

The exothermic nature of bulk methanation is a concern for large-scale reactor
temperature increase, and the design of reactor with cooling has multiple advantages over
adiabatic reactors. While isothermal tubular reactors are nearly impossible to achieve in
practice, cooling can be used to limit the temperature rise. One of the main considerations
for the extent of the reaction is the temperature at which the catalyst is activated to
achieve optimum kinetics. Governed by the catalyst type and the incorporation of the
catalyst within the reactor bed, the temperature which maximizes the activity of the
catalyst would be held constant in an isothermal reactor. The amount of reactor stages
and catalyst required decreases when internal cooling is employed due to the increased
allowable extent of reaction; this alleviates the concern of heating the reactor to
temperatures which would sinter and deactivate the catalyst, while maintaining a

temperature high enough for desired catalyst activation.

Another consequence of high temperatures is catalyst poisoning due to carbon
deposition (coking). The latter concern is not as critical as sintering in this study because
of the high oxygen content from carbon dioxide. Aspen Plus™ calculates the
thermodynamic equilibrium for carbon deposition, and it is found to be negligible for the
reactor conditions in this study (e.g. an atom composition of 7% C, 82% H, 11% O and

temperatures of 250-400 °C).

A reactor design similar to a shell and tube heat exchanger, as shown in Figure
2.7, can be used to limit the temperature rise; the catalyst is packed in the tube side, while
water flows through the shell to provide cooling. A co-flow arrangement is suitable for
this design because the reaction is assumed to activate near the front of the reactor, and

this allows for the largest temperature difference at that point.

The catalyst for the bulk methanation reaction was chosen based on the literature

to have high nickel content. One potential catalyst, SNG1000, was suggested by an
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industry source [27] and has a composition of 56.6% Ni-6%Mn0O-5%Si-21%Al. The high
nickel content is beneficial for the conversion of high concentrations of carbon dioxide in
the reactant gas stream. The calculated volume for the catalyst in Equation 2.12 is the

tube volume for the shell and tube heat exchanger.

(7]

Figure 2.7 Reactor design concept: catalyst packed tubes in a shell and tube heat
exchanger

While there are conflicting requirements for heat transfer area and reactor volume
(determined by the space velocity) for the process gas, a reasonable approximation to
satisfy both design parameters can be made. The packed bed tubes have unique heat
transfer properties due to the two-phases of the reacting gases and the solid catalyst
particles. Heat transfer phenomena include convection from the gas to the catalyst and the
wall, and conduction between the catalyst particles and to the wall (radiation was
neglected for simplification). The effective heat transfer coefficient is modeled
differently depending on whether the bulk temperature inside a plug in the tube can be

considered constant or variable with respect to the two phases. It is shown from Borkink
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et al. [28] that the temperatures of the packed particles and the surrounding fluid
temperature are very similar for small tube diameters (less than 5 cm). Therefore, a
homogenous model can be implemented to determine the heat transfer parameters of the

tube and external coolant.

To determine the overall heat transfer coefficient, the conduction from the packed
bed tube, along with a wall heat transfer coefficient, must be determined. Equations
(2.13) through (2.15) [28] give heat transfer properties for a packed bed with alumina

cylinder catalyst particles with effective diameter of 6 mm.

2=y Lo 2.13
T 0 BOZ’ir ( . )

K, = Ao + aPe, (2.14)
1 _t, N (2.15)

Up hy B2 .

In Equations (2.13)-(2.15), A;. is the dimensionless effective radial heat conductivity, Aj,
is the dimensionless effective heat conductivity of the packed bed with a stagnant fluid,
Pe,, is the molecular Peclet number based on the superficial velocity of the gas, Boy,’, is
the Bodenstein number for heat at fully developed turbulent flow, hy, is the
dimensionless wall heat transfer coefficient, 4y and a are fitting parameters determined
for the specified catalyst, § is a “lumped factor” determined to be 7.4, and N is the
number of catalyst particles that can span the diameter of the tube. For the reactor
conditions in this model, the resulting overall heat transfer coefficient is calculated to be
413 W/m’K, and this value is used for catalyst packed tube-side reactor heat transfer

coefficient.

For the reactor design, the kinetic reaction profile from the reaction rate found in
Saletore et al. [22] is used based on its similarity in experimental reactor conditions to
this study and because it captures the negative effect of water partial pressure on the

reaction as was shown in Habazaki et al. [24]. The chosen space velocity, heat transfer
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coefficient, and maximum temperature specification will be used in Aspen Plus™ to
design a shell and tube reactor for the methanation reaction. The dimensions and
performance results of the methanation reactor are given in the next section based on the

simulation results.

2.4 Supporting Plant Processes
The SNG production plant is modeled using Aspen Plus™ software, which
simulates and integrates chemical reactors and balance of plant components (heat

exchangers, compressors, pumps, etc.) from user defined performance specifications.
The key aspects of the plant are as follows:

e Carbon dioxide clean-up
e Methanation reactor stages (3)
e Heat recovery between reactor stages with organic rankine cycle
units and water condensing and purge

e Bulk gas, carbon dioxide, and hydrogen separation and recycle

Figure 2.8 illustrates the process flow for the SNG production plant. Three reactor
stages are chosen for several reasons: 1) multiple stages enable the purging of water
which drives the reverse of the WGS reaction, ii) two or less reactors required excessive
bulk recycle and over-strained the ability of the separation processes to limit the content
of CO; in the product SNG, and iii) three (versus four or more) stages achieved a high
enough overall conversion of CO, and H, to CH4 while mitigating excessive capital costs

for the reactor stage components.

2.4.1 Feedstock & Carbon Dioxide Clean-up
The size of the plant is based on an estimate of hydrogen that could potentially be
produced from a large wind-powered electrolyzer at 40,000 kg/day. The hydrogen is fed

into the plant at 20 bar, and it is assumed to be 100% pure. The feedstock streams are
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assumed to be transported to the SNG plant at a pressure higher than 20 bar, so no

additional pressurization is required.

Heat Cco, H,

L1

Figure 2.8 SNG production plant process flow diagram

ra

The methanation reactor pressure of 20 bar is chosen based on the thermodynamic
and kinetic favorability of the methanation reaction. The plant feed of CO; is chosen to
be consistent with the 4:1 H,:CO, molar ratio from the stoichiometry of the reaction; the
resulting CO, feedstock amounts to about 80,000 tonne/yr which is equivalent to roughly
2% of the CO; produced from a 500 MW coal-fired power plant. The CO; is distributed
to each reactor such that an H,:CO, molar ratio of higher than 4:1 is maintained, as

suggested by Hoekman et al. [23] for high conversion.

Many carbon dioxide capturing technologies simultaneously capture sulfur
molecules such as hydrogen sulfide (H»S), and this must be scrubbed to less than 1 ppmv
to avoid nickel catalyst poisoning. This scrubbing process is accomplished by simulating
the LO-CAT™ liquid oxidation process, which removes the bulk of the H,S down to 10
ppmv [29]; this process uses an iron catalytic solution to promote the oxidation of H,S to

produce elemental sulfur, as shown in Equation (2.16).

H,S+ 0, > S+ H,0 (2.16)
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The elemental sulfur is separated out of the gas stream. The LO-CAT™ process cannot
remove enough H,S to mitigate nickel catalyst poisoning, so a Zinc Oxide (ZnO) bed is

used to purify the CO; gas to under 1 ppmv [29]. Figure 2.9 illustrates the H,S removal
process for the CO, feedstock.

Heat from 1% reactor
stage effluent

837 kW
30°C 375 °C 375 °C
21.3 bar 21.0 barfgo Bed: 20.0 bar
Scrubbed
Sulfur CO,

-k f Exhaust

/\l A

30°C
22.3 bar
Sulfur

Figure 2.9 CO, feedstock clean-up: LO-CAT™ liquid oxidation followed by ZnO bed

Following the LO-CAT™ process, the gas must be heated to 375 °C for catalyst
activation of the ZnO bed. This heating is supplied by the effluent of the first methanation
reactor; the temperature of the first reactor effluent is 400 °C (350 °C for the other two
reactors) to allow sufficient temperature difference for the ZnO bed feed gas heat

exchanger. The ZnO bed is approximately isothermal due to the relatively small amount

of H,S removed.

2.4.2 Methanation Reactors

Based on the analysis of the methanation reaction and reactor design operation

given in Section 2.2, the performance of each of the three methanation reactor stages is
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estimated. The first reactor has the highest reactant concentrations and pressure, and a
carbon dioxide conversion of 80% is chosen. The second reactor has a slightly increased
inert (methane) concentration and slightly decreased pressure (~17 bar, from upstream
component pressure drops), so a carbon dioxide conversion of 70% is chosen. The third
reactor has the greatest concentration of inert species and the lowest operating pressure
(~14 bar), so a carbon dioxide conversion of 60% is chosen. These conversions are
slightly more conservative than the findings in Hoekman et al. [23] based on the high

hydrogen to carbon dioxide ratio (>6:1) and operating temperature of around 325 °C.

A detailed multi-tubular cooled plug flow reactor model based on the reaction rate
from Saletore et al. [22] is simulated with the chosen reactor conditions and geometry
requirements. The multi-tubular reactor sizing is used for more realistic cooling
performance and cost analysis. The plug flow reactor geometry is designed to achieve the
desired space velocity with a constraint on the tube diameter for adequate plug-flow
assumptions. The heat transfer area is constrained by the volume and tube diameter
requirements, but the co-flow coolant water flow rate through the shell is adjusted to
accomplish the desired temperature control. Table 2.1 gives the design parameters for the
first methanation reactor. The same process is used for each of the three reactors, and the

resulting geometry is similar for all three.

Table 2.1 Methanation plug flow multi-tubular reactor design

Value
Type Shell-and-tube HX, 1 tube pass
Length 3m
Inner Tube Diameter 0.05m
Number of Tubes 424
Heat Transfer Area 200 m’
Reaction Volume (inside tubes) 2.5m’

Coolant water is pressurized to 2.5 bar, enters the shell side at 50 °C, and boils for
most of the length of the reactor at 130°C. The coolant flow is adjusted to provide
cooling to the reactor such that the exit temperature of the process gas is 350 °C. This

heated water can then be used for generating electricity via ORC units.
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As seen from Figure 2.10, this reactor design and coolant flow enables the

reaction to take place at a temperature of around 330 °C for the majority of the reactor

length; this temperature approximately corresponds with the maximum conversion from

which the reaction extent is based (Hoekman et al. [23]).

Temperature (°C)

- Gas

- Water

1.0 1.5 2.0 2.5 3.0
Reactor Length Position (m)

Figure 2.10 Temperature profile of methanation reactor process gas and coolant stream

2.4.3 Inter-stage Heat Recovery & Water Drain

The effluent of the methanation reactor is used in a gas to gas heat exchanger,

which preheats the reactor feed gas stream. The feed-effluent heat exchanger heats the

feed gas up to 250 °C for catalyst activation.

Figure 2.11 illustrates the second of three reactor stages with feed-effluent heat

recuperation, heat recovery to an ORC unit, and water condensing. The temperature rise

across the methanation reactor is limited to 100 °C by a coolant stream as described

above. The hot effluent exchanges heat to the feed gas before supplying heat to a water

loop for ORC power production. The gas exiting the ORC heat exchanger at 135 °C must

be cooled down to 50 °C to condense and remove the water.
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Figure 2.11 Methanation reactor stage with recuperation, heat recovery, and water
condensing

The reactor effluent gases are hot enough to recover useful heat after recuperation
to the feed gas stream. Utilization of an organic rankine cycle (ORC) is advantageous in
this scenario because it requires only moderate temperatures for vaporization to produce
electricity. The ORC water stream is heated to a temperature of 120 °C by the reactor
effluent which is necessary for the operation of the ORC at an efficiency of 12% [30].
Each unit can produce 280 kWe, and the total recovered heat from the plant amounts to
about 1010 kWe (supplies 82 kWe more than the required electricity for the plant).
Figure 2.12 is the ORC flow diagram and the unit provided by Stone [30].

From the reaction mechanism, water removal favors the forward reaction to
produce methane. Lower water content favors the reverse water gas shift reaction which
enables the highly reactive carbon monoxide methanation reaction to take place. The
condenser cooling source for removing the water out of the gas stream is a cooling tower
water loop. The cooling tower also provides the cooling water for the ORC condenser.

The water loss from the evaporative cooling is replaced with a water makeup source.

Heat exchanger coefficients are extrapolated from data in Peters et al. [31] for gas

at pressure, liquid water, vaporization, and condensing. A pressure drop of 33 kPa across
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heat exchangers and 100 kPa across reactors is assumed throughout the process. These
pressure drops represents a 1-1.5% pressure decrease for heat exchangers and 4-5%

pressure decrease for reactors compared to the incoming gas stream pressure.

Figure 2.12 ORC unit from Stone [30]

2.4.4 Separation & Recycle

The product pipeline SNG must meet the energetic and compositional
requirements set by the natural gas industry to be transported in the natural gas pipelines.
The most stringent compositional requirement for this model is to achieve a product
molar composition with less than 2% CO,. The unconverted carbon dioxide must be

separated and recycled to meet this requirement.

After the three methanation reactor stages, the product gases go through three

recycle stages which are shown in Figure 2.13 and discussed in detail below:

e 40% bulk recycle (diverter)
e 90% CO; separation & recycle (MDEA absorption/stripping)

e 90% H; separation & recycle (polysolfone membrane)

2.4.4.1 Bulk Recycle

A bulk gas recycle of 40% is used to increase the overall reactant conversion. The

extent to which the MDEA and hydrogen membrane units separate reactant species is
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limited, and the bulk recycle allows the plant to accomplish the required product gas
composition while accounting for these limitations. The penalty for this recycle is mainly
the compression of the recycle gas stream, including some of the desired product
methane. This is the easiest separation process of the three, and it can be accomplished

simply with a diverter valve.

H. to 1% Reactor Stage 1.0 bar

<l
-

Bulk Recycle 50 °C 90 °C 90 °C
to 1% Reactor Stage 13.0 bar, 20.0 bar
<
50 °C
14.0 bar

Membrane  Product

SNG
SNG from 3
Reactor Stage
—>
50 °C
14.0 bar

CO; to 1% Reactor Stage

-

Figure 2.13 Bulk recycle, MDEA CO, separation and recycle, and polysolfone membrane

H, separation and recycle

2.4.4.2 CO;, Separation & Recycle

A process to remove CO; is necessary to control the amount of CO; in the product
gas and increase its conversion to methane. In order to accomplish the separation and
recycle of CO, processes from the literature and industry expert advice were evaluated.
The chemical absorption process of Methyl diethanolamine (MDEA) was determined to
be the best option for the model. It is a proven process with the ability to capture 90% of
the CO; in a gas stream containing 15% CO, at relatively low pressures [33]. Additives

such as Selexol make the MDEA solution more selective to CO, [34]. The main



47

drawback to this process is the energy required for the regeneration of the MDEA in the
CO; stripping column. The chemical reaction involved in the absorption of CO, into the
MDEA is highly exothermic, so a significant amount of heat is required to reverse the

reaction in the stripper (“reboiling”) [34].

A detailed analysis of an MDEA process for separating CO, and H,S concludes a
reboiler heat duty of 162 kJ/mol-CO, [34]. The resulting CO, separation process for the
SNG plant amounts to a heat usage of about 850 kW, which is based on the modeled CO,
separation rate of 90%. The temperature at which the reboiling process occurs is between
100-200 °C, and the quality of heat generated by the methanation reactor effluent gas
(350 °C) is assumed to be sufficient for this process. There is also an electric power duty
required for the absorbent circulation pumps, and this is supplied by the ORC-generated

electricity.

2.4.4.3 H, Separation & Recycle

The gas must be removed of excess H, to maintain a high volumetric heating
value and energy density for the product SNG. The molar percentage of H, in the CO,-
scrubbed gas stream is about 35%. This is well below the hydrogen composition of feed
gas such as that from steam methane reforming (~75% hydrogen) used for many
hydrogen separation processes. Pressure swing adsorption (PSA) is a common method for
hydrogen separation, but the process becomes ineffective and uneconomical with less
than 70% H; in the feed stream [29] because of the large amount of adsorbent area

required to separate the non-hydrogen gas molecules.

Membrane technology for hydrogen separation is well established in industry, and
it is especially suitable for scenarios in which the permeate does not require high purity
[35]. While the separation process should aim to minimize the amount of product
methane in the permeate stream, any additional separation of carbon dioxide from a
membrane process would benefit the product composition. Although carbon monoxide is

not considered a significant product of the methanation reaction in this study, a
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membrane separation process could also remove carbon monoxide from the product

stream.

Another advantage of using a membrane for hydrogen separation is that the bulk
of the product gas experiences minimal pressure drop (as opposed to a PSA process). In
the model, the feed gas is pressurized slightly above the desired SNG product pressure (to
account for a small pressure drop of the retenate), and no further compression is needed
for the SNG product. The molar flux through a membrane is driven by the pressure

difference of the separable molecule, i, as shown by Equation (2.17).

J, = Pi(P ifeed — P i,permeate) 2.17)
é
J; is the molar flux (mol/m*-s), p; is the permeability constant (a function of the
permeability of a certain molecule through a certain membrane), P; is the partial pressure
of molecule 7 in the feed and permeate gas streams, and § is the thickness of the
membrane. For a certain membrane, Equation (2.17) can be used to determine the size of
the membrane required to achieve a rate of hydrogen flux. The relative amount of
hydrogen separated along with methane and carbon dioxide is also a performance
characteristic of the chosen membrane that must be accounted for to determine the

selectivity to hydrogen (permeate purity).

The membrane performance can be approximated by the literature values for
commercial hydrogen permeable membranes. Polysolfone-based membranes have been
in use for years with proven durability, permeability, and selectivity [36]. The estimated
normalized permeability constant of 100 (10 Sem?®/cm?-s-cmHg ) based on polysolfone
membranes is used to determine the size of the membrane required to achieve a 90%

hydrogen separation.

2.4.5 SNG Product

The SNG product composition achieved through sequential stages of reactant

conversion and separation is shown in Figure 2.14.
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Figure 2.14 Molar gas composition at various reactor and recycle streams. Numbers
indicate methanation reactor inlet and outlet streams.

The final gas composition is 92.7% CHy, 6.3% H,, and 1.0% CO,. The SNG is
produced at 20 bar for transport in the pipeline.

The heating value must be suitable for end-use applications. The heating value in

the natural gas industry is quantified by the Wobbe index, shown in Equation (2.18).

HHVsne
’pSNG (2.18)
Pair

HHVgy 1s the higher heating value of the SNG, and psys and pg;,- are the density of the

Wobbe Index =

product SNG and air respectively at STP. The importance of the Wobbe Index resides in
the end-use standardization of burner units; for a given orifice size through which the gas
mixture passes, gas mixtures with the same Wobbe Index will deliver the same amount of
heat. The Wobbe index for the product SNG is calculated to be 47.5 MJ/Sm’ which is
slightly below the normal index of natural gas of around 48 MJ/Sm’, but it is not low
enough to significantly impact burning performance. The SNG is slightly lower in

volumetric energy density based on the Wobbe Index because of the low volumetric
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energy density of hydrogen, and natural gas typically contains up to 10% ethane (C,Hg),
5% propane (C3Hs), 2% butane (C4H)o), and 0.5% pentane or heavier (Cs;) by volume
[32]; these heavier hydrocarbons increase the volumetric heating value of the natural gas.
On a weight basis the heating value of the SNG is higher than typical natural gas streams
(54.6 MJ/kg versus 52.2 MJ/kg).

Studies have been conducted on issues concerning hydrogen mixing with natural
gas (e.g., Haeseldockx et al. [37]). Potential problems associated with having a partial
amount of H, in the SNG composition have been evaluated and deemed acceptable with
H, concentrations up to 17%. Pipeline embrittlement caused by Hs is an issue that
requires further intensive study to evaluate the long term effects on the pipeline material.
Leakage issues are negligible with the predominant use of polyethylene pipelines in the
existing infrastructure [37]. Although the physical limitations for H; in the pipelines is
17%, natural gas companies will allow less than this due to heating value requirements
and safety standards. The 6% H, composition was determined to be acceptable for

heating value and pipeline transport quality [38].

2.5 System Design

Figure 2.16 illustrates the system design. The H, feed is assumed to be piped into
the plant, and CO, is delivered locally from a power plant or piped from an existing
pipeline. Both feedstock molecules are assumed to be pressurized such that no additional

compression is necessary to achieve a pressure of 20 bar.

The CO; goes through a purification stage at state-point (1) before being
distributed to each reactor. Three reactor stages are chosen which start at state-point (8),
(15) and (21); separate reactor stages allow for water condensing (e.g. Condenser 1) and
purge after heat recovery. The recovered heat from the methanation reactor and effluent
gas stream drives an organic rankine cycle (e.g. ORC 1) for power generation. Not shown
in this diagram, a cooling tower is modeled to supply the cooling for the condensers, the

ORC heat sink, and compressor intercooling.
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After three stages of methanation reactors, 40% of the gas at state-point (26) is
recycled (Bulk Recycle). The CO, from the remaining gas stream at state-point (29) is
then separated with an amine (MDEA) absorption process and fed back to the first
methanation reactor stage. The remaining gas stream at state-point (35) is compressed to
20 bar (to make up for pressure drops in the system) before being fed into a hydrogen
permeable membrane process for separation and recycle. The retenate of the membrane

process (state-point (40)) contains the final product SNG for pipeline transport.

2.6 SNG Plant Performance Results

The following is the overall power and material flow of the SNG production

plant:

H 65.8 MW 51.3 MW
e
’ 40.0 tonne/d 81.1 tonr
SNG Plant 82 kW
C02 —— -EleCtriC]ty
218.2 tonne/d

Figure 2.15 Methanation plant input/output summary (HHV basis)

The overall plant efficiency on an HHV basis is calculated from Equation (2.19)
to be 78.0% HHV. The plant loses 22.0% of the heating content of the hydrogen by the

conversion to SNG.

_ HHVSNG + Welect
nplant - HHVH2

= 78.0% (2.19)
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Figure 2.15 SNG plant system design and state-points



The overall plant efficiency on an LHV basis results in 83.2%.

_ LHVSNG + Welect
77plant - LHVH2

=83.2%
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(2.20)

Table 2.2 gives the energy balance summary for the SNG production plant. The energy

inputs, internal power use for each component, energy outputs, and efficiencies are stated

here.

Table 2.2 Energy balance summary

Value
Plant Inputs
Hydrogen (kg/s) 0.463
Hydrogen LHV (MJ/kg) 120.2
Hydrogen HHV (MJ/kg) 142.2
Carbon Dioxide (kg/s) 2.522
Cooling Water (gpm) 169
Internal Power Use (kW)
Bulk Recycle Compressor 88
CO; Recycle Compressor 65
H, Recycle Compressor 417
Membrane Compressor 146
MDEA Unit 29
Cooling Tower 125
Organic Rankine Cycle Units -952
Total Internal Power Use -82
Plant Outputs
SNG (kg/s) 0.939
SNG LHV (MJ/kg) 49.2
SNG HHV (MJ/kg) 54.6
SNG Wobbe Index 47.5
Total Output LHV (MW) 46.2
Total Output HHV (MW) 51.3
Efficiency
ORC Efficiency 12.0%
Plant Efficiency LHV 83.2%
Plant Efficiency HHV 78.0%
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The hydrogen feedstock contains 66 MW of power on an HHV basis, and this is
necessary to produce about 51 MW of SNG fuel. All of the internal power usage required
by the compressors, the MDEA unit, and the cooling tower is supplied by the ORC units,
and an additional 82 kW of power is produced. The largest internal power load of 417
kW is demanded by the H, Recycle Compressor. The Membrane Compressor is used for
pressurizing the gas to increase the pressure difference across the membrane while
simultaneously achieving the desired pressure for the product SNG; this compressor has

the second largest electric demand of 146 kW.

The SNG production efficiency can also be described by a 2" Jaw analysis; the

availability (), or exergy, of the input and output gas streams is calculated by:
A=m[h—hy—Ty(s — s,)] _Zﬂihi (2.21)
7

where m is the total mass flow rate of the gas, 4 and s are the enthalpy and entropy of the
gas, respectively, 4, and s, are the reference enthalpy and entropy, y; is the molar specific

chemical potential of species 7, and n; is the molar flow rate of species i in the gas flow.

The 2" law efficiency for the SNG production plant results in 84.1%. This
efficiency is similar to that of the LHV efficiency from Equation 2.20, and it is slightly
higher because the potential work done by the pressurized SNG is proportionally more
than that of the H, and CO, feedstock; the pressure of the feedstock and products are not

taken into account in the energy efficiency definition from Equation 2.20.

_ Asyg + Woer

= — - 2.22
Nsokc11 Ay, + Ao, (2.22)

The model for the SNG production plant was reviewed by industry experts, and
the methodology and performance results were approved [38]. Feedback from the
reviewers was taken into consideration and slight adjustments were made to the plant at

their request (all suggested modifications are incorporated into the described model).
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2.7 SNG Plant Economics

The economics of producing SNG from renewable hydrogen are determined by
first evaluating the capital investment of the plant. Operating costs are estimated from the
plant components, and a life cycle cost analysis is used to determine the levelized cost of
SNG. The effects of hydrogen feedstock cost and operating capacity factors are explored

to determine the potential SNG production cost range.

2.7.1 Capital Investment

The capital costing of the plant utilizes quotes from industry, literature references,
and AspenTech Economic Analyzer™ software for conventional plant components.
Several of the components use a scaling method to determine the installed cost; the cost
of each scaling unit (S) is based on the reference scaling unit (S,) and base cost (Cy). The
cost is then adjusted for the time-dependent equipment cost changes by using the
Chemical Engineering Plant Cost Index (CEPCI). The installed cost (/C) is then
calculated by using an installation factor (/F)), which accounts for various costs associated
with installing the component; the installation factor is only necessary if the referenced
base cost does not include installation. Equation (2.23) is used to calculate the installed

cost based on the given parameters.

IC =C (S)n(CEPCI)IF (2.23)
-~ %8s,/ \CEPcI, '

The superscript n is the scaling factor which accounts for the economy of scale of a
particular item. A detailed explanation of the cost estimation for each component is given
as a footnote of Table 2.3. It should be noted that the level of capital cost analysis

conducted for this study achieves an estimated accuracy of + 30% [31].

The installation factor of 2.47 is based on Spath et al. [29], and the allocation of
various costs associated with installation is given in Table 2.4. This factor is used only
when the reference for capital cost does not include installation; the Economic
Analyzer™ software includes a detailed installation calculation, so no factor is used for

those components.
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Table 2.3 Component capital costs in k$,009

Base cost  Base Scale Scaling Installation  Installed
(C,)" (S,)" Factor (n)° Factor (IF)" Cost (IC)°

LO-CAT™' 1319 22.6 kg/s 0.65 2.47 783
ZnO Bed’ 49 22.6 kg/s 0.56 2.47 35
Heat Exchangers® - - - 1,957
Reactors® - - - - 2,919
Catalyst" 1.2 1t - - 318
Compressors® - - - - 5,126
MDEA Unit 1049 1 unit - 2.47 2,591
Membrane Unit 263 1 unit - 2.47 650
ORC Units" 275 1 unit - 2.47 2,717
Pumps® - - - - 214
Cooling Tower® - - - - 555
Total Installed Cost - - - - 17,864
Total Direct Costs™ - - - - 26,796

*These base costs have been scaled from the original cost index (CEPCI,) to the 2009
CEPCI (521.9).

® The base scale is the unit for the referenced parameter. Many of these component costs
are estimated from AspenTech Economic Analyzer™ which generates the installed cost
directly.

¢ The scaling factor is not used for the components which were evaluated in AspenTech
Economic Analyzer™ or discretely sized to the proper scale (e.g. the MDEA Unit).

4 The installation factor is only used if the base cost does not include installation
(otherwise its value is 1).

¢ The installed cost is calculated using Equation (2.23) or obtained directly from
AspenTech Economic Analyzer™.

f Spath et al. [29] uses the scaling method from Eqn. (2.23).

& AspenTech Economic Analyzer™ software is used to calculate the installed cost of
floating head shell and tube heat exchangers based on heat transfer area (heat transfer
coefficients calculated from Peters et al. [31] and materials suitable for the operating
temperature and pressure. Reactors were designed based on the given methodology
described earlier. Stainless steel is used do mitigate corrosion from the catalyst packed
bed. Each reactor was about 1 MM$,009. Several centrifugal compressors were installed
including two multi-stage centrifugal compressors with intercooling based on number of
stages, pressure ratio and cooling requirements. Centrifugal pumps are used for the ORC
heating water source; six pumps are required for methanation reactor cooling and the
interstage heat recovery. Cooling tower is sized based on water flow rate and temperature
approach to wet bulb.

%1 Catalyst priced from industry quote [16] for SNG 1000 nickel supported catalyst.

' MDEA system cost calculated from industry software [39]. The specified separation of
CO; resulted in a 55 gpm absorbant flow and a system of 60 gpm was matched to supply
the separation.
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Table 2.3: continued

I Peters et al. [31]: cost based on spiral wound membrane fibers for polysulfone based
membrane. The upper end of the cost range of 100$,000/ft> was used.

¥ Industrial quote [30] at $375,000 uninstalled. Four units are needed to utilize all of the
available heat from the plant. A 2.47 installation factor was applied based on the method
described below.

" This is the total calculated installed (TIC) cost of the plant components.

™ A factor of 30% of TIC is used for high pressure (20 bar) piping installation based on
Peters et al. [31]. A factor of 20% of TIC is used for buildings and structures of the plant.
These costs are added to the TIC to determine the total direct costs (TDC) of the plant
(TIC + 8.93 MMS).

Table 2.4 Installation factor cost allocation based on Spath et al. [29].

% of TPEC
Total Purchased Equipment Cost (TPEC) 100
Purchased equipment installation 39
Instrumentation and controls 26
Piping 31
Electrical systems 10
Buildings (including services) 29
Yard improvements 12
Total Installed Cost (TIC) 247

The indirect costs associated with the plant are determined as a percentage of the
TDC based on Spath et al. [29], and the allocation of various costs that contribute to the

indirect costs of the plant are given in Table 2.5.

Table 2.5 Indirect costs allocated as a percentage of the TDC and actual value in MMS.

% of TDC MMS$

Engineering 13 3.5
Construction 14 3.8
Legal and contractors fees 9 2.4
Project contingency 15 4.1
Total Indirect Costs 51 13.8

The total capital investment (direct plus indirect costs) for the plant is 40.9
MMS$:009. While slightly less detailed than the method used here to determine the capital

investment, Lang Factors can also be used to calculate the total capital investment from
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the purchased (uninstalled) capital costs. Peters et al. [31] estimates an overall Lang
Factor for chemical processing plants to be between 4.7 and 6.0. The equivalent Lang
Factor for this plant can be determined by assuming an overall installation factor of 2.47
(only different for AspenTech Economic Analyzer™), and dividing total capital
investment by the purchased equipment cost. For this plant, an overall Lang Factor is

calculated to be 5.6, which is well within the range of that given by Peters et al. [31].

2.7.2 Operating Costs

The plant operating costs are determined by replacement cost estimations for the
major plant components and by estimating unplanned maintenance and replacement as a

fraction of the TDC as given by Table 2.6.

Table 2.6 Operating costs for major plant components

Annual k$,009

LOCAT™? 62
ZnO Bed" 34
Methanation Catalyst* 159
MDEA‘ 68
Membrane® 130
Cooling Tower" 28
Total® 482

* Spath et al. [29]: 150 $5002/tonne sulfur removed

b Spath et al. [29]: reactor sizing from 4,000 GHSV with 4.67 $,0./1b-cat. Assumed
catalyst density of 1200 kg/m’

¢ Methanation catalyst replaced every 2 years

4 Nextant [34]: operating costs scaled from 160 gpm to 60 gpm (this plant) MDEA flow
rate using a 0.7 scaling factor. This includes make-up MDEA solution.

© Membrane replacement every 5 years.

5% of installed cost for water chemicals and pump maintenance.

£ In addition to this annual O&M total, the ORC units must be replaced after 20 years.

In addition to these operating costs, other operating costs include staff and labor
(12 staff members with a combined annual salary of 1.39 MMS), property tax and
insurance (2% of TCI), and an unplanned O&M and materials replacement factor of 1%

TCI. These estimations are consistent with the H2A analysis tool default values and H2A
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analysis case studies for similar sized fuel production plants [42]. The total annual O&M

costs amount to 3.45 MMS (14.2% of TDC, 8.4% of TCI).

2.7.3 Feedstock Costs

The feedstock to the SNG plant includes hydrogen, carbon dioxide, and water.
The water consumption of the plant consists of cooling tower water make-up at 169 gpm,
and this cost represents a very small fraction (0.01%) of the total feedstock cost. The cost
of the carbon dioxide feedstock is estimated based on capture from a coal-fired power
plant from Rubin et al. [40] to be 40 $/tonne, and this represents 7.4% of the total
feedstock cost. The hydrogen feedstock cost is the most significant input with regards to
the cost of SNG production. Several analyses have been conducted on hydrogen
production from various renewable sources, and the hydrogen costs associated with
production and transport (0.87 $/kg-H, for a 100 mile pipeline delivery [41]) are given in
Table 2.7.

Table 2.7 Hydrogen feedstock costs from various renewable sources [41]

$/kg $/MMBTU (HHV)

Current central wind farm electrolysis  6.71 49.8
Future central wind farm electrolysis ~ 2.88 21.4
Current central biomass gasification  2.48 18.4
Future central biomass gasification 2.34 17.4

From Table 2.7, it is clear that the hydrogen source has a large impact on the cost
of SNG. Even if the SNG production plant had a 100% energetic efficiency, no capital
investment costs, and used the future scenario for hydrogen production from central
biomass gasification (2.34 $/kg-H,), the resulting SNG would cost 19.4 $/MMBTU,
which is just under double the rate that residential customers pay in the continental

United States.
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2.7.4 H2A Life Cycle Cost Analysis Tool

The total capital investment (direct plus indirect costs) and operating costs for the
plant are inputs to the H2A life cycle cost analysis tool, which is used to generate a
levelized cost of SNG fuel. The H2A tool accounts for the capital investment, fixed and
variable operating costs, feedstock and utilities consumption rates, and the time span in
which the plant operates [42]. Various economic parameters specified for the H2A

program are given in Table 2.8.

Table 2.8 Economic parameter inputs to the H2A tool

Value

Constant dollar value 2005
Internal rate of return (after-tax) 10%
Debt/Equity 0%/100%
Plant life 40 years
Depreciation MACRS
Depreciation Recovery period 20 years
Construction period 2 years

1* year 75%

2" year 25%
Start-up time 12 months
Revenues 50%
Variable costs 75%
Fixed costs 100%
Working capital 15% of total capital investment
Inflation rate 1.90%
Total taxes 38.90%
Decommissioning costs 10% of depreciable capital
Salvage value 10% of total capital investment
CO, feedstock cost $40/tonne
Hydrogen feedstock cost Varied
Plant capacity factor Varied

The dollar value of 2005 is used for the H2A analysis tool, so all of the plant costs
reported in this chapter (and thesis) were adjusted from 2009 to 2005 using the CEPCI.
Due to the variability of fuel and electricity escalation rates, the production costs for SNG

were not adjusted from the output value of the H2A program, which are in 2005 dollars,
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but inflation was taken into account for the lifetime of the plant. It is assumed that the
increase in fuel cost from inflation is negligible compared to the fluctuating cost of fuels,

which don’t necessarily coincide with the time-value of money.

2.7.5 Economic Results and Feedstock Cost Sensitivity

The economics of SNG production rely heavily on the hydrogen feedstock cost,
and to a lesser extent, the plant operating capacity factor (the percentage of time that the
plant operates at full capacity). The breakdown of cost contributions toward SNG

production cost is given in Figure 2.17 at various hydrogen feedstock costs and a capacity

factor of 90%.

50 - 90% Capacity Factor
40 ~ 7 Dioxide

n

$/MMBTU SNG
L(.p:)

Figure 2.17 Cost contribution for SNG production at three different hydrogen feedstock
costs and a 90% capacity factor

The hydrogen feedstock cost dominates the contribution distribution, especially
for costs greater than 3 $/kg. Even at the very low hydrogen feedstock cost of 1 $/kg, it
represents about half of the total SNG production cost. For a 3$/kg hydrogen feedstock
cost, the hydrogen, capital, and O&M costs represent about 27, 5 and 2 $/MMBTU,
respectively. The carbon dioxide feedstock cost represents 2 $/MMBTU.
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Figure 2.18 is a similar chart showing how the cost contributions shift at various
capacity factors with a hydrogen feedstock cost of 3 $/kg. At low capacity factors (40%),
the contribution of capital and O&M costs become more significant; however, the
hydrogen feedstock cost contribution is still greater than 50% at 3 $/kg, representing 27.4
$/MMBTU.

45 - .Cost

35 - ‘bon Dioxide
30 1 drogen

:M
m Capital

$/MMBTU SNG
[R]

. H N
%

Figure 2.18 Cost contribution for SNG production at three different capacity factors and a
3 $/kg hydrogen feedstock cost

A range of hydrogen feedstock costs was given in Table 2.7, and the effects of

this range on SNG production cost are explored in Figure 2.19.

The steep slope on the plotted lines of Figure 2.19 indicates the importance of
obtaining a cheap source of hydrogen for producing economically competitive SNG. The
range of costs for SNG production is 8.2 $/MMBTU with free hydrogen (and free
delivery) and a 90% capacity factor, to 81.8 $/MMBTU with 7 $/kg-H, and a 40%
capacity factor. For each 1 $/kg of hydrogen feedstock cost, the SNG production cost
increases 9.4 $/MMBTU. The DOE cost target for large central hydrogen production by
2017 is about 2.2 $/kg; using this feedstock cost results in an SNG production cost of
28.6 $/MMBTU. The Energy Information Agency (EIA) states that the average cost of
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natural gas at the city-gate in the continental U.S. is approximately 5.5 $/MMBTU, which
is less than the SNG production cost using free hydrogen.

SNG Cost ($yMMBTU)
£
=

0 1 2 3 4 5 6 7
Hydrogen Feedstock Cost (S/kg)

Figure 2.19 Effects of hydrogen feedstock cost on SNG production cost for various
capacity factors

The effects of overall plant capacity factor on the SNG production costs are
shown in more detail in Figure 2.20. While the operating capacity factor greatly increases
the SNG production costs if lower than 50%, the effect is relatively small at larger
capacity factors. The capital cost contribution increase is the main reason for this effect,
and since it represents a relatively small fraction of the total cost, there are small SNG
cost decreases for capacity factors greater than 60%. The SNG production costs decrease
50% by increasing the capacity factor from 20% to 60% and there is only a 12% cost

decrease by increasing the capacity factor from 60% to 100%.

Despite the relatively small benefits from operating 90% of the time (e.g. versus
60%), every economic advantage must by sought. Hydrogen storage at the producer’s site
would enable high hydrogen feedstock availability, and this is important for continuous

operation (assuming the wind farm electrolysis plant produces more than the maximum
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capacity of the SNG plant). The capacity factor should ideally be limited by general

maintenance and replacements.
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Figure 2.20 Effects of operating capacity factor on SNG production costs for various
hydrogen feedstock costs

The range of hydrogen feedstock cost for this sensitivity analysis does not include
large-scale hydrogen storage by the electrolysis plant, so it should be assumed that a
capacity factor in the range of 40-50% can be achieved using this feedstock cost range. A
capacity factor of 40-50% is slightly above that of a wind farm capacity factor, but since
the plant is assumed to be under-sized compared to the wind-farm, a higher capacity

factor can be achieved.

2.8 Summary & Conclusions
Thermodynamic and kinetic considerations of the methanation reaction were
explored to model and simulate a system of reactors for the conversion of hydrogen and

carbon dioxide to SNG. The carbon dioxide is assumed to be supplied by a power plant
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utilizing CC&S, and a clean-up process for the gas is necessary to remove sulfur
molecules. Multiple reactor stages are used to increase temperature control of the reactor
and drain water to promote the forward direction of the methanation reaction. Heat
recuperation and recovery using ORC units for electricity generation utilizes the heat
produced from the methanation reaction. Bulk recycle is used to increase the overall
reactant conversion while allowing a satisfactorily high methane content SNG product
with the limited extent to which the MDEA and hydrogen membrane units separate
reactant species. The MDEA unit separates carbon dioxide for recycle to limit the
undesired molecule content in the product gas. The hydrogen membrane separates
hydrogen for recycle to increase the Wobbe index of the product SNG by increasing the
methane content. The product SNG has a Wobbe index of 47.5 MJ/Sm® which is
acceptable for natural gas pipeline transport and end-use appliances in the existing

infrastructure. The overall plant efficiency is 78.1% HHV and 83.2% LHV.

The cost of the SNG product is highly dependent on the hydrogen feedstock cost.
The range of costs for SNG production is 8.2 $/MMBTU with free hydrogen (and free
delivery) and a 90% capacity factor, to 81.8 $/MMBTU with 7 $/kg-H, and a 40%
capacity factor. For each 1 $/kg of hydrogen feedstock cost, the SNG production cost
increases 9.4 $/MMBTU.
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CHAPTER 3

GASOLINE AND DIESEL PRODUCTION BY CO-ELECTROLYSIS AND FISCHER-
TROPSCH SYNTHESIS

In a process similar to steam electrolysis for hydrogen production, a high
temperature solid oxide electrolytic cell (SOEC) can be used to convert steam and carbon
dioxide to syngas, which is composed primarily of hydrogen and carbon monoxide.
Syngas can be used to generate liquid fuels in the Fischer-Tropsch (F-T) process, and this
process has been proven in industrial plants (e.g., Sasol). For the GPSP scenario
described in Chapter 1, the combination of large amounts of wind power and a carbon
dioxide pipeline, a syngas producing co-electrolysis process followed by conversion to

liquid fuels is well suited.

3.1 Prior Work

There are several studies that focus on producing syngas from co-electrolysis with
the goal to produce liquid fuels. O’Brien et al. [43] modeled a process for large-scale
(300 MWe) syngas production via solid oxide co-electrolysis (SOEC) coupled with
nuclear reactor electricity and heat. The model used high pressure (35 bar) SOEC
operation and a syngas product H,:CO ratio of 2.1:1 based on the desired operating
conditions of a cobalt catalyst Fischer-Tropsch reactor. The electrochemical model on
which the SOEC was based did not take into account the methanation reaction, and this is
an unrealistic assumption based on such high pressure operation with a nickel-based
electrode used in the SOEC. The nuclear reactor process supplied the necessary heat for
steam generation and feed gas preheat, which is an energy intensive process. Supplying
the necessary heat without the use of a nuclear reactor is an important aspect of the co-
electrolysis process that will need to be addressed for stand-alone applications. Since
O’Brien et al. [43] did not model the actual production of liquid fuels, the synergies

between the two subsystems were not addressed.
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The biomass route to liquid fuel has been modeled by several studies (e.g.
[9],[44][45]). A process for the production of syngas via biomass gasification followed
by F-T liquid fuels production was modeled in Hamelinck et al. [44]. Through the use of
a water gas shift reactor following the biomass gasification, the syngas has an H,:CO
ratio of around 2:1 for an F-T process. The F-T liquid fuels production cost of 2.44
$/GGE (GGE is gallon of gasoline equivalent) was found. Using biomass gasification to
produce useable fuel is a heavily researched topic, and the various processes involved
depend on the desired product (electricity, hydrogen, liquid fuels, etc.). For electricity
generation, the gaseous fuel would just need to be suitable for combustion in a gas
turbine. Fuel production, whether hydrogen or hydrocarbon liquid fuels, requires several
processing steps downstream of the syngas synthesis, including catalytic conversion,

separation and purification.

A techno-economic study by Graves et al. [10] analyzed various non-biological
pathways (thermolysis, electrolysis, photo-electrolysis) for syngas production and found
that high temperature SOEC units are the most promising, which could then be used for
liquid fuel synthesis. The performance assessment for the SOEC feed gas heating and
electrochemical reactions, F-T conversion, and product upgrading did not give insight
into the synergies between the subsystems. The study made optimistic assumptions to
achieve an overall “electricity-to-fuel” efficiency of 70%. An electricity supply price of
4-5 ¢/kWh was used to achieve a gasoline production cost of about 3 $/GGE; these costs
are based on assumptions of 100% operating capacity, large scale manufacturing, and a
high degree of technology maturity for all processes. Further investigation must be made
to determine the true conversion efficiency from electricity to F-T liquid fuels and the

economics of such a process.

3.2 Objectives

This chapter aims to (i) model a co-electrolysis syngas production system with a
Fischer-Tropsch synthesis and upgrading process, (ii) explore the effect of SOEC
operating conditions on syngas composition and performance, and (iii) conduct a techno-

economic analysis that provides an estimate of the production costs of the liquid fuel
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products and its sensitivity to economic parameters, such as electrical energy feedstock

cost and plant capacity factor.

The unique aspect of this study is the integration of the SOEC and F-T processes
and the identification of the benefits and challenges of the entire pathway from electricity
to liquid fuels. The level of detail included in this model allows for the determination of
energy and cost intensive processes that need improvement for the viability of this
renewable route to fuels. The scale of the plant is chosen to be 50 MW, and this is
consistent with the size of a power generation system based on the capabilities of a wind

farm, as discussed in Chapter 1.

A description of co-electrolysis is given along with a model for the reaction
mechanisms and electrochemical performance. The co-electrolysis is modeled for SOEC
technology, and operating parameters are chosen based on optimal conditions for
producing a syngas feedstock for a F-T process. The F-T reactions and products are
presented with emphasis on reactor operating conditions necessary to produce the desired
hydrocarbons. The upgrading of F-T products is also modeled for the production of
gasoline and diesel fuels. The overall liquid fuels production plant design is described,
exploring the various synergies between the main subsystems. The model results of the
process are then given, including a breakdown of the component energy requirements, the
liquid fuels production quantity and several subsystem efficiencies. A scenario of
operating the SOEC at elevated pressure (5 bar) is explored, and a comparison of the
performance to the lower pressure operation is given. The economics of this process are
evaluated for various electricity feedstock costs and operating capacity factors to explore

the effects of producing liquid fuels from renewable sources of energy.

3.3 Solid Oxide Co-electrolysis
High temperature co-electrolysis modules electrochemically reduce water and
carbon dioxide at high temperatures (650-1000 °C) to produce a syngas fuel by using

electricity to drive the reactions. These reactions are shown in Equations. (3.1) and (3.2).
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H,0 +2e~ - Hy + 0%~ (3.1)

CO,+2e~ - CO + 0*~ (3.2)

Steam (water must be preheated) and CO, are fed to the cathode electrode, where
electrons deriving from the applied voltage reduce the reactants to H, and CO, and each
reaction produces an oxygen ion (O%). The O* diffuses through the electrolyte to the
anode electrode, where it oxidizes to O, and releases two electrons. Although not
necessary for the electrochemical reactions, air is fed to the anode electrode; the
reasoning for this is given later in this section. There is an associated voltage with the
current flow through the load, and this is dependent on the performance characteristic of
the SOEC which determines the amount of total electric power (P=iV) that is required to
produce an amount of syngas. This process is shown in Figure 3.1. The details of the

SOEC performance model are given later in this chapter.
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Figure 3.1 SOEC co-electrolysis operation schematic
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It should be noted that SOEC technology is current under development, and it is
in the laboratory testing phase. Several government and commercial institutions are
giving this technology a great deal of financial investment and research due to its
promising performance potential. The Idaho National Laboratory (INL) is working with
modules developed by Ceramatec™ to test the durability and performance of these solid
oxide cells. Other institutions working on the development of SOEC technology include
Denmark’s Risg National Laboratory and Versa Power Systems™. Although the
technology is currently at a small-scale, laboratory tested level of maturity, the
performance of laboratory testing is extrapolated to larger-scale systems to estimate the

performance of mature SOEC technology.

The SOEC co-electrolysis process model was derived from Stoots et al. [46] and
it incorporates both the electrochemical reduction of steam and carbon dioxide and the

water-gas shift (WGS) reaction (Equation (3.3)).
CO+ H,0 & Hy,+CO, (3.3)

The model outlined by Stoots et al. [46] simulates the co-electrolysis process by
the following: (i) the gas first comes to equilibrium with respect to the WGS reaction,
then (ii) the electrochemical reduction of water and carbon dioxide occurs, and finally
(ii1) the gas stream comes into WGS equilibrium again before it exits the SOEC. In
reality, there are simultaneous electrochemical and catalytic reactions occurring down the
length of the cell, but this zero-dimensional model adequately characterizes the SOEC
performance (see Figure 3.2). The reverse of the WGS reaction is mildly endothermic
and thermodynamically favorable at 800 °C, and the leftward reaction direction is further

enhanced by the electrochemical conversion of steam to hydrogen.

While Stoots et al. [46] accounts only for the water gas shift reaction, the nickel-
based electrode could also promote the methanation of carbon monoxide as given by

Equation (3.4).

CO + 3H, < CHy + H,0 (3.4)
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The methanation reaction of Equation (3.4) is exothermic, so it is not
thermodynamically favored at high temperatures, but high pressures could promote this
reaction. The model shown in Figure 3.2 accounts for both the WGS and the carbon
monoxide methanation reactions, and it demonstrates that methane formation is
negligible at atmospheric pressure. The model employed in this study matches the
experimental data of cathode effluent composition of the SOEC as a function of the stack

operating current, as shown in Figure 3.2.
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Figure 3.2 SOEC co-electrolysis model (lines) and experimental data (symbols) from
Stoots et al. [46] for the cathode effluent composition at 800 °C and atmospheric pressure

Figure 3.2 shows a difference in composition between cathode feed gas and
cathode exit gas for the open circuit condition (0 Amps). It is apparent from this
difference that WGS equilibration occurs in the cathode compartment in the presence of
the nickel-based electrode. It is well-known within the solid oxide fuel cell literature that
WGS equilibration occurs very rapidly at these operating conditions and it is widely
accepted that the fuel gas sustains WGS equilibrium over the entire electrode surface.

Thus, the data given in Figure 3.2 supports the assumption of WGS equilibrium.
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The effect of SOEC operating pressure on the equilibrium-based model with and
without accounting for the methanation reaction is illustrated in Figure 3.3. The
significant increase in methane formation at 20 bar operation lowers the hydrogen and
carbon monoxide content of the cathode effluent by about 10%. The extent of the
methanation reaction increases with higher CO, and H,O content in the feed gas and with
higher oxygen utilizations (higher current). The model results from Figure 3.3 has an
equivalent feed gas composition and oxygen utilization as Figure 3.2 to show the model
deviation for comparison, but it should be noted that the oxygen utilization (and

subsequently the methanation reaction), will be much higher for the present study.
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Figure 3.3 SOEC co-electrolysis model with (solid) and without (dashed) accounting for
methanation reaction of the cathode effluent composition at 800 °C and 20 bar

The performance of the SOEC unit can be characterized by the Nernst potential,
Ey, and the area specific resistance (ASR) given in Equations (3.5) and (3.6).

0.5
Py,Po,

_ _AGf,HZO(T) + R, T
PHzopg'tSm

Ey= 2F 2F

(3.5)




74

V., — E
ASR(T) =°P]—.N

(3.6)
AGy p,0(T) in Equation (3.5) is the gibbs energy of formation of water, and it becomes
less negative with increasing temperature, effectively lowering the Nernst potential. The
partial pressure terms in Equation (3.5) are calculated based on the average of the initial
and final WGS equilibrium states for a zero-dimensional model. Equations (3.5) and (3.6)
give a relationship between operating voltage, V5, (V), and current density, j (Alem?).
The ASR value accounts for the total loss mechanisms in the operating cell, and it is

assumed to follow an Arrhenius relationship to temperature, shown in Equation (3.7)

[43].

10300
) (3.7)

ASR(T) = ASRy100x — 0.463 + 3.973 x 10 Sexp ( 0

The value of ASR; 190k is estimated to be 1.25 Q-cm? for existing technology from

O’Brien et al. [43]. Operating at 800 °C brings the ASR up to 1.37 Q-cm”.

The required size of the SOEC to provide a certain electrochemical conversion of
steam and carbon dioxide can be calculated using the current density as shown in

Equations (3.8), (3.9), and (3.10).

ho = €H20,e/c + ECOz,e/C (38)
ItOt == ZFnO (39)

I
A = % (3.10)

In Equations (3.8), (3.9) and (3.10), 1, is the molar flow rate of oxygen ions diffusing

through the electrolyte, ¢,/ is the extent of reaction, in moles per second, of the

electrochemical reduction of steam and carbon dioxide (Equations (3.1) and (3.2)), I;,¢ 1S
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the total current of the SOEC, and A;,; is the total active area required by the SOEC. The
total DC power required by the SOEC is calculated from Equation (3.11).

Psoecpc = Veenltor (3.11)

The electrochemical conversion of steam and carbon dioxide is specified such that
the molar fraction of syngas (H; plus CO) leaving the SOEC unit is 0.9 (dry basis). This
justifies the product syngas to be fed into the F-T reactor without the need for carbon
dioxide separation. This is a constant oxygen utilization operation and results in an
overall conversion of 76.6% H,0 and 76.9% CO, (molar basis). The definition of overall

conversion for H,O is shown in Equation (3.12).

nHZO,cath in nHZO,cath out

XHzO = (312)

NH,0,cath in
The relative electrochemical reduction of H,O and CO; does not affect the overall
conversion in this model due to the equilibrium calculation following the electrochemical
reduction. The reduction of H,O drives the WGS reaction to the left (Equation (3.3)), but
the attendant reduction of CO, drives the reaction to the right. The steam is hypothesized
to reduce much faster than the carbon dioxide due to the similarity in values of cell ASR
between co-electrolysis and pure steam electrolysis and because the ASR value for pure
steam electrolysis is approximately a factor of 3 less than that of pure carbon dioxide

electrolysis [46], but this uncertainty does not affect the outlet cathode gas composition.

3.3.1 Methanation Equilibrium

This section aims to validate the assumption of equilibration of the methanation
reaction in the SOEC cathode. Although the effects of the methanation reaction were not
considered in the model developed by Stoots et al. [46], an experimental kinetic study on
internal reforming of methane (the reverse of the methanation reaction) for a Ni/YSZ
anode supported SOFC was conducted to derive a reversible rate equation (Equation

(3.13)) for temperatures in the range of 600-850 °C [47].
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PIS:IZ,SPCO,S ) (3 13)

Trer = —k(T)P 1-
ref ( ) CHA”S( KrefPH20,sPCH4,s

T'rer (Mol/ s-m”?) is the rate of methane reforming per unit reaction area, k(7) is the
temperature dependent rate constant, P; is the partial pressure of species i at the reaction
surface, and K,.s is the equilibrium constant. This rate equation is used with the reaction
area of the SOEC stack to determine the composition at the outlet of the cathode. A
combination of high pressure, low CH4 and H,O content, and high H, and CO content
drives the reaction towards the formation of methane. It is confirmed from Timmermann
et al. [47] and using Equation (3.13) with the stack area calculation from Section 3.3, that

the gas comes to equilibrium at 800 °C and 1 bar; this is shown in Figure 3.4.
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Figure 3.4 Temperature dependence comparison of methanation equilibrium and kinetic
rate composition prediction from Equation 3.13 at 1 bar. The effects of reducing the
reaction area in the kinetic rate calculation by factors of 10 and 100 are shown

There is uncertainty in estimating the reaction area which is used to determine the

reaction rate (Equation (3.13)). A conservative estimate is to approximate the porous fuel
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cell electrode area as equivalent to the triple phase boundary area of the cell, which is
calculated from Equation (3.10). This estimation is conservative because there is
additional reaction area from the extended surface area of the porous electrode
membrane. To show that the use of a much smaller reaction area than the conservative
estimation given (possibly due to operating at a higher current density), Figure 3.4 also
shows the rate calculation using reaction areas reduced by factors of 10 and 100;
equilibrium of the cathode gas stream is closely approached for a factor of 10 reduction
in active area, and there is just a 25% reduction in methane produced using a factor of

100 reduction.

Although Timmermann et al. [47] did not elevate the pressure of the SOFC gases
to determine more accurate pressure dependence of this rate equation, it is assumed that

equilibrium is obtained for higher pressures for this study.

3.3.2 SOEC operating conditions sensitivity

While there are not extensive studies optimizing the operating conditions of solid
oxide co-electrolysis units, there have been studies on the operation of high temperature
steam electrolysis using SOEC modules. Gopalan et al. [48] conducted a modeling study
on the effects of operating conditions on the overall efficiency (including heat
recuperation, air blowers, etc.) of an SOEC module. It was found that for large stacks,

operating at the thermal neutral voltage achieved the highest overall efficiency.

The effects of operating the SOEC unit at elevated pressures are now discussed in
relation to synergies with the product syngas going to an F-T reactor, which operates at
high pressure (~40 bar). Although a relatively small effect, high pressure increases the
Nernst potential from Equation (3.5) which lowers the current density for a given
operating voltage; this will increase the size and capital costs of the SOEC stack.
Operating the SOEC at 20 bar under conditions of high reactant (steam and CO,)
concentration and high oxygen utilization produces significant methane (~10% molar)

from Equation (3.4), and there is an exotherm associated with this reaction.
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The cathode outlet compositions at various SOEC operating pressures are given in
Figure 3.5; the inlet concentrations were adjusted to achieve the necessary 2.1:1 H; to CO
ratio in the syngas. As the pressure increases from 1 bar to 20 bar, Figure 3.5 shows the
formation of CHy4 is favored over H, and CO. A CH4 content of 12% (dry molar basis) is
present in the cathode gas stream when operating at 20 bar. The H, and CO content
decrease 20% from operation at 1 bar to 20 bar. This trend is consistent with Le

Chatlier’s Principle for the effects of an increase in pressure on non-equimolar reactions.
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Figure 3.5 Molar composition of cathode effluent dependence on operating pressure at an
operating temperature of 800 °C (isothermal). A constraint of achieving a 2.1:1 ratio of
H, to CO is used

There is also a trade-off between operating the SOEC at the thermal neutral
voltage, where the irreversibility of the electrochemical reactions supply the heat for
isothermal operation, and operating below the thermal neutral voltage, which will lower
the temperature of the product gas, decrease the extent of the reverse WGS reaction, and
increase the extent of the methanation reaction. Although high voltage will increase the
reverse WGS reaction and decrease the methanation reaction, higher voltage increases the

power consumed by the SOEC, which lowers the efficiency.
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Figure 3.6 illustrates the effect of allowing a temperature depression for the
SOEC on the composition of the cathode effluent. Allowing a 100 °C temperature
depression (from 800 °C to 700 °C) increases the CHy4 content to about 3.3% at a pressure
of 1.6; the increase of CHy is much greater if operating at elevated pressures. The H, and
CO content decrease by 9% from operation at 800 °C to 700 °C, and this represents a

significant loss in reactants for the F-T reactor.
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Figure 3.6 Molar composition (dry) of cathode effluent dependence on outlet temperature
at a pressure of 1.6 bar with a cathode inlet temperature of 800 °C

The heat from the exothermic methanation reaction results in a lower voltage
requirement to operate the stack isothermally or to control the cathode outlet temperature
(e.g. 750 °C or 700 °C); the voltage requirement for a given cathode outlet temperature is
given in Figure 3.7. The operating voltage decreases significantly as the pressure
increases and the temperature decreases. While this lowers the power requirement of the
SOEC, the product syngas will contain over 17% inert molecules (CO; and CH,) when
allowing a 100 °C depression at atmospheric pressure which significantly lowers the
convertible reactants for the F-T reactor. Operating at the thermal neutral voltage to

maintain isothermal operation at 800 °C achieves a syngas with about 10% inert
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molecules, and the benefits of increased reactant concentration for the F-T reactor
outweigh the decrease in electric power consumption from an overall plant efficiency

standpoint.
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Figure 3.7 Effect of operating pressure on lowering the required voltage to maintain a
certain cathode gas outlet temperature for an inlet temperature of 800 °C

The excess heat from the anode sweep air (enters at 800 °C) is also used to
moderate the temperature depression in the stack; the anode effectively acts as a heat
source for the endothermic cathode reactions. The gas at the anode outlet is assumed to
have the same temperature as the cathode outlet; this is a reasonable assumption for an
SOEC in a co-flow arrangement, which is a beneficial flow geometry for the providing
the most heat to the fast endothermic reverse WGS reaction. Although the SOEC operates
at a lower voltage (less power required) for high pressure, increased compression energy

will be required for both the cathode and anode gas streams.

The polarization curve based on the temperature dependent ASR value (Equation
(3.7)) at two different cathode operating pressures and outlet temperatures is given in

Figure 3.8. The temperature has a large impact on performance because of the ASR’s
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dependence, but the pressure also increases the voltage due to the increase in Nernst
potential (Equation 3.5). A high temperature and low pressure operating condition results
in the highest current density for a given voltage, and this is favorable for the economics
because a smaller stack size is required for the chosen power input. The performance
model for the cell ASR is only dependent on temperature, but in reality, the pressure
could affect the ASR. The ASR of an SOEC is expected to decrease with increasing
pressure due to the favorable impact on concentration polarizations, but such potentially

beneficial impacts on the ASR, which are predicted to be relatively small, are not capture

in this model.
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Figure 3.8 Polarization curve based on Equations (3.5)-(3.7) at various temperatures and
pressures. The composition is fixed from constant oxygen utilization and desired cathode
outlet ratio for H,:CO of 2.1 to 1

There is much uncertainty in the ability of solid oxide electrochemical stacks to
operate at elevated pressure due to material strength concerns (particularly from gas
pressure differences across the cell) and the gas leakage effects. Although the

methanation reaction occurring at high pressure allows for a lower thermal neutral



82

voltage, CHy is an inert, undesired product for the F-T synthesis reactor. In order to
achieve the highest content of syngas at an H,:CO ratio of 2.1 to 1, operation at lower
pressures (1-2 bar) would be more beneficial. Although there is more of a compression
penalty for pressurizing the syngas downstream, the increased content of H, and CO in
the F-T synthesis reactor allows a higher per pass conversion and selectivity toward

desired products.

Considering the effects of operating at various pressures and temperatures, this
study chooses to operate the SOEC at a modest pressurization of 1.6 bar and isothermally
at 800°C for the baseline case. This allows for a high percentage (~90%) of H, and CO in
the product syngas, and it increases the current density compared to higher pressure and
lower temperature. The scenario of operating the SOEC at 5 bar is also presented later in

this chapter for comparison, and the various system level effects are explained.

3.4 Fischer-Tropsch Synthesis
The syngas produced from the SOEC is supplied to an F-T reactor for conversion

to hydrocarbons. The product distribution can be described by the Anderson-Schulz-
Flory (ASF) model shown in Eqn. (3.14).

C,=av(1-a) (3.14)

C,, is the molar fraction of hydrocarbons having length n (carbon number), and « is the
chain growth probability factor. The value for a depends on reactor type and operating
conditions such as partial pressures of H, and CO, catalyst type, and temperature. Higher
values will lead to an increased longer chain hydrocarbon yield. With advances in reactor
design and catalyst preparation, alpha values between 0.8 and 0.94 can be achieved [49].
The product distribution was determined using the ASF distribution with an alpha value
of 0.9 along with an adjustment to the lower carbon number yields (Cs.) based on
Hamelinck et al. [44]; this accounts for the deviation of the ASF model with what is
commonly seen in practice (e.g. a higher than predicted CH4 (C)) yield with lower Cj,.4
yields for cobalt catalyst reactors). Figure 3.9 illustrates the mole and mass distribution

which results from the model.
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Figure 3.9 ASF distribution with 0=0.9 and C,_4 redistribution

The distribution was taken up to a carbon number of 100, although this is not
shown in the Figure 3.9; the mass fractions of C40+ molecules are significant to the wax
yield. Oxygenates and aromatics production from the F-T reactor is assumed to be
negligible in this study; the presence of these molecule types are typically small for low-
temperature (220-260 °C) F-T synthesis [50]. Although not addressed in the model, any
amount of oxygenates, which are water soluble, would necessitate a water treatment

process before the water is re-used or purged to the environment.

Certain ranges of carbon number molecules are classified based on their boiling
points and combustion properties. The LFG (C4.) are useful only for burning for heat
recovery, since they are not directly convertible to liquid fuels. The Cs/Cg gases are able
to be blended with the gasoline stock by using an isomerization process, described below.
The C7.19 gases are called naphtha, and they are the main components in the gasoline
blending stock. The Cy;.19 gases are called middle distillates, and they are the products for
diesel fuels. The C,: gases are called wax, and these can be selectively cracked down to

lower carbon ranges for either gasoline or diesel production.



84

Figure 3.10 shows the distribution of relevant ranges of hydrocarbons determined

from the model.

40 = Molar %
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Figure 3.10 F-T product composition grouped by hydrocarbon range from ASF

distribution

The yield of paraffins (C,Han:2) versus olefins (C,Hay) in the product distribution
from Equation (3.12) must also be determined. It has been shown that cobalt catalysts
saturate the hydrocarbons at a faster rate than iron catalysts, thus producing mainly
paraffins [51]. An estimated yield of paraffins based on findings of Leckel [52] of 80%
(molar basis) of each carbon number is used; in reality the relative paraffin yield would

differ depending on hydrocarbon number, but this approximates the overall yield.

In order to simplify the system model with respect to the types of hydrocarbon
molecules, it was necessary to represent certain ranges of carbon lengths with a fewer
number of molecules. In particular, the C;4 molecules were kept in detail, while Cs_¢
were modeled as Cg, C7.19 were modeled as Cg, C11.19 were modeled as Cg, and Cyg+ were
modeled as a combination of C,4 and Cs,. The distribution was normalized to achieve an

atom balance in the product yield ranges. The translation from the ASF distribution



85

described earlier to the representative molecular distribution achieves an accurate

approximation for the heating value of the liquid fuel products to within 1%.

The conversion extent must be specified to determine the amount of hydrocarbons
to allocate to the ASF distribution. The reaction shown in Equation (3.15) is the most

basic reaction that takes place in the F-T reactor.
CO+2H, & —CH, — +H,0 (3.15)

The —CH»—is the chain growth molecule on which higher hydrocarbons build, and the
conversion from CO and H, to this growth molecule is a necessary step to determine the

amount of hydrocarbons formed.

A Langmuir-Hinshelwood-Hougen-Watson (LHHW) rate equation for carbon
monoxide was developed by Yates et al. [53] as shown in Eqn. (3.16).

aPCO PHZ

"~ (1+bPy)?

co (3.16)
The kinetic rate constant, a (0.013 mol/skg.,), and the CO adsorption constant, b (1.62
bar™), were determined based on a slurry bubble column reactor (SBCR) operating at a
temperature of 240 °C. While this rate equation fit well to experimental data, it was later
found that it did not capture an accurate pressure dependence of the reaction due to the
small range of operating pressures studied (0.5-1.5 MPa). A more recent study (Espinoza
et al. [54]) performed a rigorous kinetic analysis for a cobalt catalyst SBCR to determine
the CO adsorption constant and reaction order in the LHHW rate equation (Equation
(3.17)) by using a wide range of pressures (5-40 bar) and H,/CO ratios (1.6-3.2) . The
catalyst had been previously used, and it was considered a good approximation for a
lifetime average activity.

aPii; Pto

Reo =—"2—25 (3.17)
(1+bPcp

The value for the CO adsorption constant (b) at 230 °C was found to be 1.55 bar’”,
which is very close to the value that Yates et al. [53] found at 240°C. While Botes et al.
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[54] did not vary the operating temperature for determination of the rate constant a, the
rate constant from Yates et al. [53] could be substituted because it used the same reactor

operating temperature.

The partial pressures in Equation (3.17) are at calculated at the outlet of the
reactor for SBCR designs. Cobalt-based catalysts have been shown to perform well under
high per-pass conversion regimes, especially operating at high pressure (40 bar)
compared to iron catalyst reactors [55]. Per pass conversions of 80% can be achieved in
SBCR reactors. Since there is a trade-off between per-pass conversion and selectivity to
higher hydrocarbons, a slightly lower conversion than 80% should be used when
operating for a higher alpha value (0.9 in this study). The once-through conversion of
carbon monoxide is chosen to be 70% (designates the hydrogen conversion at about
75%). Equation 3.17 allows for the calculation of catalyst weight which can then be used
to size and cost the reactor. The conversion from catalyst weight to reactor volume
assumes a 30% catalyst solution by volume, which equates to 600 kg-cat/m’. The SBCR
for F-T synthesis also produces steam from its water-fed cooling coils. The chosen
reactor temperature and pressure are 240 °C and 40 bar based on achieving the

performance estimation for conversion and selectivity described above.

3.5 Supporting Plant Processes

Various other subsystems are required for the liquid fuels production plant:
carbon dioxide clean-up, feedstock mixing and heat recovery, product upgrading, and
hydrogen production (for product upgrading and the SOEC). Figure 3.11 shows a high-

level plant diagram, including the various subsystems.

3.5.1 Carbon Dioxide Clean-up

The carbon dioxide feedstock to the SOEC is assumed to be supplied from a coal
gasification plant (e.g. GPSP). Most absorption-based carbon capture technologies, such
as monoethanolamine or rectisol sorptive processes capture a significant fraction of the

hydrogen sulfide (H,S) in addition to carbon dioxide contained within the gas. While
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employment of these technologies for simultaneous removal of CO; and H,S would be
acceptable for an enhanced oil recovery process, such as the GPSP in North Dakota, the
H,S content is unsuitable for the SOEC and the F-T catalytic reactor. The GPSP facility
uses a rectisol process to capture CO, from gasified coal at the plant, and the captured gas
stream contains 0.9% H,S on a molar basis [56]. This high content of sulfur must be
reduced down to less than 1 ppmv to avoid poisoning both the electrocatalysts within the
SOEC unit and F-T catalysts. The LO-CAT™ process is chosen for bulk H,S removal,
which is capable of reducing the H,S concentration down to ~10 ppmv where a ZnO bed
can then polish the gas to the required 1 ppmv or lower level [29]. These technologies are
proven effective, and the main energy requirement is the cathode gas preheat prior to the

ZnO bed, which operates at 375 °C.

w

Electr c

Figure 3.11 Co-electrolysis syngas to F-T liquid fuels production plant block diagram

3.5.2 Feedstock Mixing & Preheat

The amount of carbon dioxide fed into the SOEC unit is determined by the scale
of the plant, which is chosen to be about 50 MW (AC power in). The amount of steam
addition to the SOEC cathode is then adjusted to achieve a 2.1:1 molar ratio of H, to CO
in the product syngas. The resulting CO, feedstock amounts to about 120,000 tonne/yr
which is equivalent to roughly 3% of the CO, produced from a 500 MW coal fired power
plant. The heat source for the steam required by the SOEC unit is mainly supplied by the
F-T synthesis reactor (exothermic reactions heat the water-fed cooling coils) along with

additional heat from recuperation of the cathode effluent gas stream. This ratio is chosen
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based on the stoichiometric conversion of syngas to hydrocarbons in a cobalt-based
catalytic F-T reactor. The presence of hydrogen at the cathode inlet of the SOEC unit is
necessary to prevent the oxidation of the nickel-based electrode. The scrubbed carbon
dioxide is then mixed with the steam and hydrogen before being heated to 800 °C by the
burner effluent. The fuel for the burner is the LFG produced from the F-T synthesis

island.

Sweep air for the anode is fed into the system at a rate which produces an anode
effluent with a molar fraction of 50% oxygen. Sweep air is used because of the chemical
reactivity of pure oxygen at elevated temperatures. Sweep air also allows for better
temperature control over the stack if operation is not isothermal. There are other technical
issues such as hydrogen leakage that could potentially be harmful to the performance if
no sweep air is present. The sweep air must be heated to 800 °C pressurized to 2 bar to

account for pressure losses downstream.

After supplying the necessary heat for various processes in the plant, the burner
effluent heat is used as the heat source (~700 °C) for a steam rankine cycle. The cycle is
assumed to operate at 25% net thermal efficiency; the supply heat is extracted from
lowering the cathode effluent and combustor effluent down to 100 °C. This is a
simplified assessment of a steam cycle, but the performance estimation is adequate for

this model.

3.5.3 Product Upgrading

Upgrading of the F-T synthesis products is necessary to generate high quality
gasoline and diesel fuels. The processes for upgrading the F-T synthesis reactor products
to gasoline and diesel fuels are similar to that which is used for conventional crude oil
refining, but there are several differences in operating parameters between crude oil
refining and F-T product (“syncrude”) upgrading [50] which are described later. There
are seven major unit operations carried out for F-T product upgrading: fractionation
(distillation), hydrogen production, wax (Cao+) hydrocracking, naphtha (Cs_0)
hydrotreating, middle distillate (C,;.19) hydrotreating, Cs/Ces isomerization, and catalytic
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reforming (for C7.10). These processes are described in terms of the model assumptions
and performance characteristics. The product yields and utilities consumption for several

unit operations are based on Bechtel [45].

3.5.3.1 Hydrogen Production

Hydrogen production is necessary for several upgrading processes, and hydrogen
is also required as a feed gas to the SOEC, as described earlier. Following the F-T
synthesis reactor, the syngas is cooled by heat exchange to cooling water and
depressurized from 40 bar to 26 bar in a flash drum, allowing unreacted syngas, LFG, and
inert gases to evaporate and separate from the heavier (Cs.) hydrocarbons. This allows
for a pressurized, hydrogen rich stream to be fed into a hydrogen recovery subsystem,
which first goes into a WGS reactor to increase the hydrogen partial pressure before
being fed into a PSA unit, which separates hydrogen. A small fraction (2%) of the F-T
reactor feed syngas is also diverted to this unit to increase the content of hydrogen
entering the PSA to 70% (molar basis) which is necessary for adequate PSA performance

(85% hydrogen separation) [29].

3.5.3.2 Product Fractionation

A distillation tower is needed to fractionate the products into naphtha, middle
distillates, waxes and additional LFG. The fractionation occurs at atmospheric pressure
by heating the feed gas to a temperature of about 400 °C to vaporize all but the heaviest
hydrocarbons. A simplified explanation of the distillation process is as follows: the
difference in boiling points of the hydrocarbons and the use of perforated trays to
condense and trap lower boiling point molecules allows for product separation as the
gases cool while traveling up the distillation column. There are steam addition stages,
heat exchangers, and reflux drum separation processes that occur during distillation [57],

but these details are not explicitly modeled.
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3.5.3.3 Naphtha & Distillate Hydrotreating

The naphtha and middle distillate fractions go to their respective hydrotreating
plant, where hydrogen is fed with the hydrocarbons to a metal-oxide catalytic reactor.
The reactor operates at around 350 °C where the olefins are hydrogenated to paraffins
(saturation) to increase the heating value and octane rating of the gas stream. An example

of a saturation reaction is shown in Eqn. (3.18).
C8H16+H2 g C8H18 (318)

In comparison to conventional crude oil refinery hydrotreating processes, the
hydrogen demand for F-T hydrotreating is much less due to the high content of paraffins
and the lack of sulfur and oxygenate molecules; this also results in a nearly isothermal

reactor operation [50].

3.5.3.4 Wax Hydrocracking

The wax fractions are sent to a hydrocracking plant to break the heavy wax
content down to useful naphtha and middle distillates for gasoline and diesel blending.
The hydrocracking simultaneously saturates the olefins to produce paraffins. Similar to F-
T hydrotreating, the hydrocracking process requires less hydrogen than conventional
crude oil refinery hydrocracking. F-T hydrocracking can also operate at lower
temperatures (300 °C) and pressures (3-5 MPa) than crude oil hydrocracking. The reactor
is nearly isothermal due to the balancing of the endothermic cracking reactions and the
exothermic hydrogenation reactions [50]. An example of a hydrocracking reaction is

shown in Eqn. (3.19).

C32H66+H2 (—)2C16H34 (319)

3.5.3.5 C5/Cs Isomerization

The Cs/Cg yields from the naphtha hydrotreater and wax hydrocracker are sent to

a catalytic isomerization reactor, which rearranges the molecular structure of the Cs/Cg
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hydrocarbons to convert normal pentanes and hexanes (straight chain molecules) into iso-
pentane and iso-hexane (branched molecules) to increase its octane number. The reactor
operates at approximately 200 °C and 20 bar. The octane rating (OR) is the average of
the motor octane number (MON) and research octane number (RON); the isomerization
unit increases the OR of the feed stream to about 82 (from ~60), and the product

isomerate can then be used in the gasoline blending stock.

3.5.3.6 Naphtha Reforming

The C7.19 hydrocarbons from the naphtha hydrotreater and wax hydrocracker are
sent to the catalytic reformer in a similar process as isomerization by rearranging the
molecular structure of the hydrocarbons, which increases the OR to 90-95. The main
reforming reactions are endothermic, and the feed gas is heated to around 480 °C and
pressurized to 4 MPa for this reactor [57]. The product of the catalytic reformer, called
reformate, has the highest octane rating, and it represents the majority of the gasoline

blending stock.

3.5.3.7 Upgrading Quality & Yield

The overall target OR for gasoline of 87-88 can be achieved by these processes.
The quality of the diesel blending stock is quantified in terms of the cetane index, which
is measure of the ignition speed of the fuel. While the true cetane index is experimentally
determined, the product diesel is assumed to have a much higher cetane index than that of
conventional diesel, which implies that it has a high product value because it can be used
to increase the quality of low grade diesel [45]. Table 3.1 illustrates the yields from these

unit operations based on Bechtel [45].

The model in this study uses the yields in Table 3.1 to determine the yield of
gasoline and diesel blending stocks. The yields from Bechtel [45] are consistent with the
experimentally determined yields from similar processes in conventional oil refineries
given in Gary et al. [57]. The LFG produced from these processes is essentially a

conversion penalty for increasing the octane and cetane rating to generate high quality
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liquid fuels. The utilities are also calculated based on Bechtel [45], and these calculations
are used to estimate the heat, power, steam, and cooling water required by these
processes. The LFG produced from the upgrading processes is used for SOEC feed
preheat and supplying utility heat for the upgrading processes themselves. The F-T
synthesis reactor produces high pressure (25 bar) steam, and this satisfies the steam
requirements for the upgrading processes and contributes a significant amount of steam to

the SOEC. Cooling water is provided by a cooling tower water loop.

Table 3.1 Product upgrading yields (molar %) based on Bechtel [45]

LFG Cs/Cs Cr10 Cita9 Isomerate Reformate
Wax
Hydrocracker 6 3 25 65 0 0
Naphtha
Hydrotreater 7.9 14.2 71.9 0 0 0
Distillate
Hydrotreater 2.5 0 0 97.5 0 0
Cs/Ce . 2.0 0 0 0 98.0 0
Isomerization
Catalytic 142 0 0 . . .
Reformer

3.6 System Design

Figure 3.12 illustrates the process for syngas generation via co-electrolysis. The
CO; enters at state-point (1) and is scrubbed of the bulk of the H,S by a LO-CAT™
oxidation process before being heated and sent to a zinc oxide (ZnO) bed, where it is
purified to less than 1 ppm H,S. The scrubbed CO, then mixes with steam and H; at
state-point (8). This gas mixture is heated to 800 °C by the LFG burner effluent gas
stream at state-point (24) before being sent to the cathode of the SOEC unit. Sweep air
(16) is first compressed and then heated to about 770°C with the anode effluent in HX-
02. The air is then heated to the SOEC operating temperature of 800 °C in HX-03. The
SOEC converts the steam and CO; into a syngas-rich stream which exits the cathode at
state-point (10). Electricity is converted from three-phase AC to DC electric power in the
rectifier, thereby providing the dc current that drives the electrochemical reactions in the

SOEC.
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The main supply of steam for the SOEC at state-point (31) comes from the steam
generated in the F-T reactor shown in Figure 3.13. The remaining steam is supplied by
water that enters the plant and is heated by cathode effluent recuperation in HX-05. The
hydrogen is supplied from excess production downstream by a PSA unit in the F-T
synthesis island shown in Figure 3.13. The LFG Burner effluent is used for the following
heat exchange processes, in order: cathode pre-heat (HX-04), anode pre-heat (HX-03),
ZnO bed pre-heat (HX-01), F-T pre-heat (HX-06), F-T upgrading heat and steam rankine
cycle (SRC) supply heat for electricity generation. The cathode effluent is also used as a
heat source for the SRC, and the gas is then cooled further for condensing the water out.
The syngas is then compressed in a multi-stage compressor to 40 bar and heated in

preparation for the F-T reactor.

Figure 3.13 illustrates the process for F-T synthesis and product upgrading to
gasoline and diesel fuel products. The distillation and upgrading processes are treated as a
black-box for this model; the heating, cooling, and pressurization requirements by these
processes are determined by calculating the utilities (electric power, steam, heating fuel,
and cooling water) which are scaled from the process results of Bechtel [45]. A small
fraction (2%) of the SOEC produced syngas at (1) in Figure 3.13 is diverted to increase
the hydrogen content in the PSA feed stream (5). The pressurized and heated syngas is
fed to the F-T synthesis reactor, where the syngas is converted to heavier hydrocarbons

(CiHy) which serve as the primary liquid fuel molecular building blocks.

Nearly all of the fuel refining and upgrading processes downstream of the F-T
synthesis reactor produce byproduct LFG. A flash drum reduces the pressure of the
cooled F-T reactor effluent at 4000 kPa down to 2600 kPa, which evaporates the majority
of the LFG (C4.) for separation from the heavier (Cs;) hydrocarbons while maintaining a
pressure high enough for the PSA unit. The separated syngas and LFG are first sent to a
WGS reactor to convert the majority of the CO (and H,0) to H; for better PSA separation
performance. The remaining F-T products are fractionated in an atmospheric distillation
tower to separate the remaining light gas (C;_4), naphtha (Cs.9), middle distillates (Cjo.19),
and waxes (Cyo+). The latter three products are fed into the naphtha hydrotreater, the

distillate hydrotreater, and the wax hydrocracker, respectively.
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1| 20 200 3.88
2 20 190 3.85
3| 35 180 3.85
4| 315 170 3.85
5| 30 100 063
6| 30 180 063
7| 600 170 3.02
8 | 495 170 6.89
9 | 800 160 6.89
10 | 800 150 375
11| 338 140 375
12| 100 130 375
13| 30 120 3.05
14| 125 | 4000 3.05
15| 240 | 3990 3.05
16| 20 100 457
17| o7 200 457
18] 772 190 457
19| 800 180 457
20| 800 170 77
21| 400 160 77
22| 20 100 7.21
23| 75 160 721
24| 1074 | 160 16.64
25| 902 150 16.64
26| 895 140 16.64
27| 829 130 16.64
28| 790 120 16.64
29| 732 110 16.64
30| 100 100 16.64
31| 225 180 2.38
32| 40 170 0.03
33| 53 160 171

Figure 3.12 Process flow diagram for solid oxide co-electrolysis syngas production
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The lighter naphtha components (Cs/Ce) from the naphtha hydrotreater and the
wax hydrocracker are sent to the Cs/Cg isomerization unit. The heavier naphtha
components (C7.9) from these units are sent to the catalytic reformer. The isomerization
unit and the catalytic reformer are used to increase the octane number of their
hydrocarbon feeds; the products of these two processes are blended in the gasoline pool.
The products of the distillate hydrotreater and the middle distillates (Cj¢.19) from the wax
hydrocracker are sent directly to the diesel pool. The LFG generated from each of these
processes, along with the PSA tail gas, are combined to be combusted for process heating

requirements at state-point (34) in Figure 3.12.

3.7 Model Performance Results

Figure 3.14 gives an overview of the net inputs and outputs of the plant. The
main energetic input into the plant is about 50 MW of AC electric power. Carbon dioxide
is fed into the plant from a pipeline. Process water is required for consumption in SOEC,

and cooling water make-up for the cooling tower is also input into the plant.

Electri al/day)
o, zl;C Co-electrolys /HHV)
: ischer-Tropsch
Wate nels Production Pla 1/day)
v HHV)

Figure 3.14 Overall plant inputs and outputs

Table 3.2 summarizes the energy balance and liquid fuels production of the plant,
including efficiencies of various subsystems. Two operational cases were explored: the
SOEC design pressure of 1.6 bar and 5 bar. The results are first discussed in terms of the
baseline case of 1.6 bar SOEC operation. The higher pressure case is then discussed

relative to the baseline case.



Table 3.2 Energy balance summary

1.6 Bar 5 Bar
Plant Inputs
Electricity AC in (kW) 53770 50847
Carbon dioxide (kg/s) 3.88 3.88
Process water (gpm) 48 48
Cooling water (gpm) 133 95
Internal power use (kW)
SOEC (DC) 50787 49454
Sweep air blower 408 1130
Syngas compressor 3224 1805
Burner air blower 420 547
Other blowers & pumps 110 97
F-T utility 126 117
Steam cycle -3456 -4337
Total internal power use 51620 48813
Burner heating use (kW)
Heat loss 500 500
ZnO bed pre-heat 1351 1351
SOEC gas pre-heat 3767 3869
F-T utility 1967 2033
Steam cycle 13822 17348
Plant outputs
Gasoline (gal/day) 5958 5305
Gasoline HHV (kW) 8686 7735
Diesel (gal/day) 11661 10372
Diesel HHV (kW) 18256 16372
Total output LHV (kW) 24917 22296
Total output HHV (kW) 26942 24107
Efficiency
SOEC efficiency HHV 110.1%  110.2%
F-T efficiency HHV 45.2% 41.5%
Steam cycle efficiency 25.0% 25.0%
Plant efficiency LHV 46.3% 43.8%
Plant efficiency HHV 50.1% 47.4%

97
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About a third of the LFG produced in the F-T reactor, including unreacted CO
and H, is needed for the hydrogen production process which serves the hydrotreating and
hydrocracking units in the F-T synthesis island and the SOEC cathode feed gas. The
remaining LFG, including that which is produced from the upgrading processes, mixes
with the hydrogen-depleted PSA effluent and is fed into the burner to supply the pre-
heating needs of the SOEC and other processes quantified in Table 3.2. The SOEC feed
gas requires about 4 MW of heat, and the temperature at which the burner supplies heat
transfer must be above 810 °C to preheat both the cathode and anode feed gases to 800
°C. This high temperature requirement hinders the ability to extract energy from the high
pressure LFG flashed from the F-T reactor effluent in a gas turbine; using a gas turbine
would lower the temperature too much to adequately supply the pre-heating
requirements. The potential benefit of using a gas turbine in this plant is an increased
electrical efficiency compared to the steam cycle used for heat recovery power

production.

While the F-T upgrading heat utility temperature requirement was not specified
by Bechtel [45], it was conservatively assumed that this heating power utility could be
satisfied at a temperature of around 750 °C (oil refinery upgrading processes do not
typically exceed 500 °C [57]). The large amount of remaining heat (~14MW) was
supplied to the steam cycle at about 700 °C.

The plant produces about 6,000 gal/day (~8.7 MW HHYV) of gasoline and about
11,700 gal/day (~18.3 MW HHV) of diesel. The plant produces a little over twice as
much diesel as gasoline with a total production of about 17,700 gal/day (27 MW HHV).
The SOEC efficiency (Equation (3.20)) takes into account the change of the cathode gas
heating value on an HHV basis and the electricity requirement for driving the

electrochemical reactions.

HHVSyngaS - Hchath,in

Psorcpc

Neorc = (3.20)

The resulting efficiency is 110% because the reverse WGS reaction raises the heating

value of the product syngas (a byproduct of the energy input into heating the gases to 800
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°C) in addition to the electrochemical conversion. The heating value of the cathode feed

gas is from its hydrogen content.

Alternatively, the SOEC efficiency can be described by a 2™ law analysis; the 2™
law efficiency for the SOEC (Equation (3.21)) results in 88.6%. This efficiency is much
lower because it captures the available work potential from the high temperatures of the

feed gas, which is not accounted for in the energetic efficiency from Equation 3.20.

Asyngas - Acath,in (3 21)

Nsoec = Psorcoe

The F-T efficiency (Equation (3.23)) takes into account the heating value of the
liquid fuels on a HHV basis and the syngas that feeds the F-T synthesis reactor.

_ HHVliquid fuels

nF_T - HHVSyngas (3.22)

The definitions of the two major subsystem efficiencies (Equations (3.20) and
(3.22)) do not take into account the LFG produced from the F-T process, which is used
for SOEC feed gas heating; this inherently decreases the F-T efficiency and increases the
SOEC efficiency. The subsystem efficiency definitions will allow for a comparison of the

relative performances of the two cases presented (low versus high pressure).

Table 3.3 gives the breakdown of the utilities calculations for the F-T synthesis
and upgrading processes. The power requirement for these processes consists of small
compressors, blowers, and pumps, and this is a relatively small contribution to the total
electric power needs of the plant. The F-T synthesis reactor produces a large quantity of
25 bar steam at 225 °C which satisfies the other process steam requirements and supplies
75% of the SOEC steam needed for co-electrolysis. The heating load calculations are
consistent with the conventional operating conditions of each process, described earlier.
The majority of the cooling water requirement is for cooling the F-T effluent down to 40

°C to flash out the light gases.
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Table 3.3 F-T synthesis and upgrading utilities consumption

Power Steam® Heat” Cooling Water

Units kW klb/hr kW gpm
F-T Pre-heat 0 0 798 0
F-T Synthesis Reactor 47 -22.3 299 14.3
F-T Product Flash HX 0 0 0 906.0
Distillation 4 0 106 5.0
H, Production 0 1.8 0 64.3
Wax Hydrocracker 14 1.9 179 1.5
Distillate Hydrotreater 21 0 66 3.6
Naphtha Hydrotreater 8 0 183 31.2
Catalytic Reformer 31 -0.2 330 7.7
Cs/Cg Isomerization 1 0.03 6 0.4
Total 126 -18.9 1967 1033.9

*Steam produced and consumed at 225 °C and 24 bar
"Temperature of heat source varies, but all processes are conservatively assumed to be
satisfied by a heat source of greater than 700°C.

The steam cycle efficiency (Equation (3.23)) accounts for the electricity
generation and the heat extracted from lowering the cathode effluent and burner gas

stream from 700 °C to 100 °C.

Psteam cycle
nsteam cycle = Heatl-n (323)

The steam cycle efficiency is estimated to be 25%, so this designates the electricity
produced based on the heat input. It should be noted that the heat recovery calculation
from lowering the gas stream temperature to 100 °C is optimistic for producing steam.
Lowering the gas down to 135 °C is a more conservative value, and this would lead to a
220 kW decrease in SRC power production (drop of 0.2% in overall efficiency). The
SRC efficiency would have to increase to 26.5% to make up for the difference in

available heat.

The total plant efficiency (Equation (3.24)) accounts for the only energetic input
and output of the plant: the net power required and the heating value of the liquid fuels on

an HHYV basis.
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_ HHVliquid fuels

Mtane = - (3.24)

The total plant efficiency is 46.3% based on the LHV and 50.1% based on the HHV of
the liquid fuels.

The plant was then run with an SOEC operating pressure of 5 bar. Several minor
adjustments to the plant were made to maintain various constraints on the system (e.g.
increased burner air intake to limit the exhaust temperature due to the increased heating
value of the LFG), but no other major operational changes were made. The higher
pressure operation case demonstrates the various synergies between the syngas
production and F-T liquid fuels production subsystems. The net electricity consumption
drops significantly (~3MW) from the baseline case for several reasons. The required
SOEC voltage for thermal neutral operation decreases from 1.34 to 1.31; this equates to
about a 1.5 MW reduction for the same oxygen utilization. The lower thermal neutral
voltage is caused by the additional exotherm from a higher extent of the methanation
reaction (Equation (3.4)); while this increases the electrical efficiency of the SOEC, the

methane is not a desired product for an F-T synthesis reactor.

There are various trade-offs in compression power for the high pressure SOEC
case: while the syngas compression is lower, the anode sweep air and burner air
compression increase. There is more recoverable heat for the steam cycle which produces
about 1 MW of additional power. The net result is an additional 1.5 MW of electric

power savings (along with the 1.5 MW reduction for the SOEC) over the baseline case.

The decrease in electric power consumption for the high pressure case is offset by
the decrease in liquid fuel production. The high pressure case produces 2.8 MW (HHV)
less liquid fuels than the baseline case due to the presence of additional methane in the
syngas, which detracts from the convertible syngas content. The SOEC efficiency is
slightly higher for the 5 bar operation mainly because of the decrease in operating voltage
for isothermal operation. The 2" law efficiency for the SOEC operating at 5 bar is
89.2%, and this is a 0.6% increase from the low pressure operation. The F-T efficiency is

much lower (41.5% versus 45.2%) due to the decrease in convertible syngas feeding the
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F-T reactor. The overall plant efficiency is lower for the 5 bar operation by 2.7%; the
lower F-T conversion efficiency over-compensates for the slightly higher SOEC

efficiency.

3.8 Economics

The economics of liquid fuels production plant is evaluated to determine the value
of the liquid fuel products. The capital investment of the plant must first be determined.
The subsystems of the plant include carbon dioxide clean-up, syngas production via
SOEC co-electrolysis, heat recovery, balance-of-plant including air blowers, water pumps
and a cooling tower, syngas compression, F-T synthesis, hydrogen recovery, and product

upgrading.

3.8.1 Capital Investment

The same cost scaling method from Chapter 2 is used for many of the plant
components, and AspenTech Economic Analyzer™ is used for others. In comparison to
large crude oil refineries, the liquid fuels plant in this study is quite small; many of the
referenced base costs for F-T synthesis and upgrading components are much larger than
the size of this plant, and the economics are less favorable due to the scaling factor. Table
3.4 gives the component cost breakdown of the plant. It is noted that this costing

methodology results in an accuracy of +30%.

It is convenient to compare the total capital investment to an equivalent Lang
Factor (e.g. 4.7-5.9 for chemical processing plants [31]) which is an order-of-magnitude
plant cost estimation using the ratio of TCI to total purchased (uninstalled) equipment
cost (TPEC) of the plant components. Assuming a single installation factor of 2.47 from
Spath et al. [29] to backtrack the TPEC from the TIC in Table 3.4, the resulting Lang
Factor is 4.2. Because of the variety of references used to determine the direct capital
investment and the differing methods that were used by these references to determine the
costs, it is difficult to know the TPEC exactly. The main reason for the calculated Lang

Factor being less than that of conventional chemical processing plants is the high cost of
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the SOEC. Since the Lang Factor method assumes a plant cost from conventional TPEC,

a high TPEC will result in a relatively low Lang Factor.

Table 3.4 Cost of system components in MM$,¢09

C,’ So n__ IF° _BOP° TIC!

CO, Clean-up

LO-CAT™® 1.32 22.6 kg/s 0.65 2.47 - 1.04

ZnO Bed® 0.049 22.6 kg/s 0.56 2.47 - 0.04
Syngas Production

SOEC & Rectifier’ 0.00053 $/kW - 1.42 - 38.68
Heat Recovery

Burner® - - - - - 4.99

Heat Exchangers® - - - - - 4.24

Steam Cycle" 6.85 10.30 MW 0.7 2 - 3.28
Balance of Plant

Blowers & Pumps® - - - - - 1.36

Cooling Tower® - - - - - 0.43
F-T Synthesis

Syngas Compressor® - - - - - 3.78

F-T Reactor" 42.37 362 m’ 072 - - 2.90
H> Recovery

WGS Reactor” 14.12  245mol-Hy/s 0.65 1.81 - 1.11

PSA' 0.84 0.24 m’/s 0.7 - 0.27 1.37
Product Upgrading

Distillation' ‘ 0.73 1.82 kg/s 0.7 - 0.09 0.45

Wax Hydrocracker'  9.37 1.13 kg/s 0.7 - 0.84  4.18

Distillate Hydrotreater' 2.51 0.36 kg/s 0.7 - 0.47 2.34

Naphtha Hydrotreater' 0.75 0.26 kg/s 0.7 - 0.12 0.62

Catalytic Reformer" 5.22 0.43 kg/s 0.7 - 0.68 342

Cs/C¢ Isomerization' 0.96 0.15 kg/s 0.7 - 0.11 0.54
Total Installed Cos? 74.78
Total Direct Cost* 83.76

*These base costs have been scaled from the original cost index (CEPCI,) to the 2009
CEPCI (521.9)

® The installed factor (IF) is only used if the base cost (Cy) does not include installation
(otherwise it’s 1).

¢ An additional balance of plant (BOP) cost of 25% of the installed cost is used for the F-
T synthesis and upgrading components from Larson et al. [9].

4 The total installed cost (TIC) is the sum of the IC and the BOP (where applicable).
¢Spath et al. [29]: an installation factor of 2.47 is referenced.

P Gerdes et al. [58]: the cost of SOEC module of 400 $,002/kW uninstalled is based on
DOE cost target for SOFC systems including rectifier and controls; this amounts to 750
$2000/kW installed. An installation factor of 1.42 is also referenced.
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Table 3.4: continued

& AspenTech Economic Analyzer™ software is used to calculate the installed cost of a
high temperature burner based on heating duty and flow rate, floating head shell and tube
heat exchangers based on heat transfer area (heat transfer coefficients calculated from
Peters et al. [31]) and materials suitable for the operating temperature (inconel was used
for high temperature (>700 °C) operation), blowers and pumps based on flow rates and
design pressure, cooling tower based on water flow rate and temperature approach to wet
bulb, and a multi-stage centrifugal compressor with intercooling based on number of
stages, pressure ratio and cooling requirements.

" Hamelinck et al. [44]: the steam cycle includes steam turbine, condenser, cooling, and
system BOP. The size of system is based on turbine power. The F-T reactor volume was
determined from Equation 17.

' Cost estimate based on Larson et al. [9] does not include balance of plant for the
individual processes; a BOP cost of 25% of the initial IC was added to determine the TIC
of these components.

? The TIC of the plant components is not inclusive of buildings and service facilities for
the entire plant

% A factor of 12% (8.97 MMS$) of the TIC is added to account for these attributes
referenced from Spath et al. [29]. This addition makes the total direct costs (TDC) equal
to 83.76 MMS.

In addition to direct costs, the indirect costs shown in Table 3.5 include
engineering and design, plant construction, legal and contractors fees, and project
contingencies; these costs were estimated to be 51% (42.7 MMS$) of the direct capital
costs, bringing the total capital investment up to 126.5 MM$0¢9.

Table 3.5 Indirect costs allocated as a percentage of TDC from Spath et al. [29] and
actual costs for this plant

% of TDC _MMS$§

Engineering & design 13 10.9
Construction 14 11.7
Legal and contractors fees 9 7.5
Project contingency 15 12.6
Total Indirect Costs 51 42.7

3.8.2 Operating & Maintenance Costs

The operating costs for the plant were estimated in two ways: the SOEC

operating, maintenance, and replacement costs were estimated based on Gerdes et al. [58]
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to be 0.22 ¢/kWh, and the remaining operating and maintenance costs were estimated to
be 5% of the direct capital costs, excluding the SOEC unit; the latter costs account for
catalyst replacement for the reactors and general maintenance of all plant components.
The annual labor and overhead costs include two plant operations workers and a
supervisor for each shift (3 shifts in a day), and this amounts to 1.25 MMS. Property tax
and insurance are estimated to be 2% of the TCI (2.53 MM$). These estimations are
consistent with the H2A analysis tool default values and H2A analysis case studies for
similar sized electrolysis plants [42]. The total operating and maintenance costs amount

to 5.89 MMS (8.8% of the TIC) per year.

3.8.3 H2A Life Cycle Analysis

The total capital investment (direct and indirect) for the plant is an input for the
H2A life cycle analysis tool [42], which is used to generate a levelized cost of liquid
fuels. The Various economic parameters specified for the H2A program are summarized

in Table 3.6.

3.8.4 Feedstock Costs

In addition to electricity required by the plant, the carbon dioxide must also be
purchased from a supplier. In the case of the Weyburn Project for EOR, the GPSP
captures carbon dioxide and sells it for approximately 15 $/tonne [59]. This value is used
as the CO, feedstock cost for this study. The electricity feedstock cost and the plant
operating capacity factor are varied to determine the effects of renewable sources of

electricity on the liquid fuels production costs.

3.8.5 Liquid Fuels Production Cost Sensitivity

A breakdown of cost contributions to the total cost of the liquid fuel produced by
the plant, based on gallon of gasoline equivalent (GGE) with a higher heating value of
131.2 MJ/gal, is given in Figure 3.15. Since the plant produces gasoline and diesel fuels,
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the combined power flow (MW) of the fuels was converted to the GGE of conventional

gasoline for comparison the market competition.

Table 3.6 Economic inputs to the H2A tool

Value

Constant dollar value 2005
Internal rate of return (after-tax) 10%
Debt/Equity 0%/100%
Plant life 40 years
Depreciation MACRS
Depreciation Recovery period 20 years
Construction period 2 years

1* year 75%

2" year 25%
Start-up time 12 months
Revenues 50%
Variable costs 75%
Fixed costs 100%
Working capital 15% of total capital investment
Inflation rate 1.90%
Total taxes 38.90%
Decommissioning costs 10% of depreciable capital
Salvage value 10% of total capital investment
CO, feedstock cost $15/tonne
Electricity feedstock cost Varied
Plant capacity factor Varied

The operating capacity factor is defined as the percentage of time the plant
operates at its maximum capacity. This value depends largely on the source of the
electricity, and the effects of this factor on the production cost gives insight into the
challenges of powering the plant using an intermittent source of electricity, such as wind.
The electricity feedstock has the largest cost contribution for high capacity factors,
representing 49% and 33% of the total cost for capacity factors of 90% and 40%,
respectively. The capital costs become the most significant as the plant capacity factor
decreases, representing 52% and 36% for capacity factors of 40% and 90% respectively.
It should be noted that using electricity feedstock costs of greater than 0.06 $/kWh, the

electricity cost contribution can represent a larger fraction of the total cost than the capital
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costs, even at low capacity factors. The O&M costs contribute about 12% to the total
cost, and it decreases proportionally with capacity factor because the SOEC stacks will
not have to be replaced as often. The carbon dioxide feedstock cost is constant at 15
$/tonne (or 0.30 $/GGE), representing just 3% of the total cost, and its purchase price is

assumed to not have a quantity or volume basis.
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Figure 3.15 Cost contribution to liquid fuels production for an electricity feedstock cost
of 0.06 $/kWh at various capacity factors

The cost of liquid fuels is linearly dependent on the electricity feedstock cost, as
shown in Figure 3.16. The most optimistic capacity factor of 90% results in a fuel cost of
5.5 $/GGE for the very low electricity cost of 0.02 $/kWh. For a capacity factor of 40%,
the fuel cost is 9.8 $/GGE for the electricity rate of 0.02 $/kWh. For a more realistic goal
of renewably generated electricity at a cost of 0.08 $/kWh, the liquid fuel cost ranges
from 9.7 $/GGE to 14.0 $/GGE for a capacity factor of 90% and 40%, respectively. For
every 0.01 $/kWh of electricity feedstock cost, the cost of liquid fuels production
increases about 0.7 $/GGE.



108

2
(=]

ot
N s Ov oo

o0

Liquid Fuels Cost ($/GGE)
=

[=T o5 I "]

0.00 0.02 0.04 0.06 0.08 0.10 0.12 0.14
Electricity Feedstock Cost (S/kWh)

Figure 3.16 Cost of GGE production dependency on electricity feedstock cost for various
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The cost of liquid fuels is non-linear with respect to operating capacity, and the
cost quickly rises below a capacity of 50%, as shown in Figure 3.17. Operating capacity
clearly has a large influence on the cost of liquid fuels production, and this parameter will
be affected by how the system is sized in relation to the electricity available. Assuming
the power is generated from wind, the capacity factor would be higher if the wind farm
maximum capacity was much larger than the production plant. Although the local
weather conditions would affect all of the wind turbines, a wind farm which spans a large
geographic area could supply the fuels production plant with its maximum electricity
feedstock capacity. Alternatively, having multiple local sources of renewable electricity

(wind, solar, geothermal, hydro, etc.) could provide a continuous supply.

If the plant is only being supplied electricity from a wind farm, the capacity factor
would be around 40-50% for the same reasons given in Chapter 2. The capacity factor
has a larger impact on fuel production cost than the SNG plant because the capital
investment is proportionally higher; this emphasizes the importance of obtaining a
relatively constant source of electricity, and it exemplifies the disadvantage of relying on

an intermittent source of electricity, such as wind power.

3.9 Summary & Conclusions

A thermochemical model for the conversion of SOEC derived syngas to liquid
fuels via F-T synthesis and upgrading was presented. The model gives insight into the
synergies between the syngas production and liquid fuel synthesis subsystems. The
performance model for the SOEC co-electrolysis process was based on experimental data
from Stoots et al. [46], and the model was extended to account for the methanation
reaction at elevated operating pressures based on findings from Timmermann et al [47].
The F-T synthesis reactor operating conditions, reactant conversion, and product yield
distribution represent realistic industrial scale performance. The upgrading process yields
and conversions for the various unit operations agree well with multiple sources,
including experimental correlations. The plant produces about 6,000 gal/day (~8.7 MW
HHYV) of gasoline and about 11,700 gal/day (~18.3 MW HHYV) of diesel. The system
model results in an overall electricity-to-liquid fuels efficiency of 50.1% HHV (46.3%



110

LHV). This efficiency is significantly lower than the 70% estimated by Graves et al. [10],
but the model in this study is representative of a more detailed and complete fuel
production process. The scenario of operating the SOEC at 5 bar results in an overall

efficiency that is 2.7% lower than operation at 1.6 bar.

The economics of this process were evaluated for various electricity feedstock
costs and operating capacity factors, which is important to explore the effects of
producing liquid fuels from renewable sources of energy. The liquid fuels production
costs range from 5.8 $/GGE to 18.2 $/GGE for an electricity feedstock price of 0.02
$/kWh to 0.14$/kWh and a capacity factor of 90% to 40%, respectively. For every 0.01
$/kWh of electricity feedstock cost, the cost of liquid fuels production increases about 0.7
$/GGE. It is crucial for the economics of liquid fuels production to have the highest
operating capacity possible, and this will be a major challenge to using renewable

technologies such as wind and solar
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CHAPTER 4

HYDROGEN PRODUCTION FROM SOLID OXIDE FUEL CELL
POLYGENERATION

Distributed energy generation improves the integration of renewable and higher
efficiency generators into the energy infrastructure. Solid oxide fuel cell (SOFC) systems
can be fueled by natural gas to produce electric power, and they exhibit high overall
efficiency when co-generation is used. Co-generation studies have typically focused on
electricity and heat; pure hydrogen gas can also be generated in these systems as an
energy co-product resulting in the combined production of heat, hydrogen, and power

(CHHP).

Co-locating a distributed generation SOFC CHHP plant with hydrogen fueling
stations for fuel cell vehicles enables use of lower-scale (~250 kg/day) hydrogen
production and leverages the capital investment across all co-products, which lowers the
unit cost of hydrogen and offers a potentially promising transition pathway for the FCV

market.

With respect to carbon dioxide emissions from fossil fuels, natural gas is one of
the cleanest to combust. At present, the resource most readily available for fueling an
SOFC system is natural gas; this fuel, modeled as pure methane, is chosen for the SOFC
fuel in this study.

4.1 Prior Work

There are several studies which have examined the co-production of hydrogen in
addition to power and heat from SOFC systems. Mitlitsky [60] performed a study
integrating an SOFC module with an electrochemical hydrogen separation (EHS) unit.
Although this study employed a smaller-scale system (25 kWe AC SOFC with a
maximum hydrogen production of 19 kg/day) than the system in the present study, the
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EHS units are scalable in the same manner as fuel cells. In fact, the EHS performance is
predicted to improve with increased size [60]. The product hydrogen gas is intended for
use in low-temperature PEM fuel cells, so the limit of CO in the hydrogen stream is in the
range of 1-2 ppmv. The EHS unit in Mitlitsky [60] demonstrated a 2600:1 reduction of
CO in the product stream, which would purify the hydrogen from a feed CO content of
0.5% down to 1-2 ppmv.

Perdikaris et al. [61] examined the tri-generation of heat, hydrogen and power by
using a combination of an SOFC and a solid oxide electrolyzer cell (SOEC). The
methane-fueled SOFC provided electricity and heat to the SOEC for hydrogen
production, and the SOFC tail-gas was combusted with the oxygen-enriched sweep gas of
the SOEC for heat recovery. The operation and control of such a system would be

difficult due to the inherent feedback and dependence between the two subsystems.

Colella et al. [62] studied an SOFC CHHP system using a PSA unit for hydrogen
recovery. It was found that 1 MW systems could produce from 150 to 450 kg/day of
hydrogen, and the quantity was found to be sensitive to heat integration of the SOFC
system. Heat recuperation of the SOFC tail gas to the inlet gas streams is important for
minimizing the required heat duty from burning the tail gas, which lowers the available
hydrogen for recovery. The PSA unit was assumed to accomplish 85% separation of the
hydrogen in the SOFC tail gas which contains 34% hydrogen after use of a water gas
shift reactor; this assumption is found to be invalid for economical operation of the PSA
unit due to the low hydrogen composition [29]. The actual cost of hydrogen produced

from the SOFC CHHP system was not analyzed.

In this chapter, the SOFC system performance and operation is described. The
two technologies for hydrogen separation are then explained and their relative
performance in relation to the SOFC tail-gas is compared. The system design, inclusive
of the remaining balance of plant operation and performance, is next described. The
model results and discussion are given for two design concepts which are differentiated
by the method in which they purify the SOFC tail-gas: (1) SOFC integrated with EHS
and (2) SOFC integrated with PSA. An operational variation of producing excess

hydrogen for both concepts is then presented. The economics of producing hydrogen
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from the recommended system concept are given with a sensitivity analysis of the
hydrogen production cost dependence on the methane feedstock and the electricity credit

price.

4.2 Solid Oxide Fuel Cells

SOFC modules electrochemically combust fuel at high temperatures (650-1000
°C) to generate electric power. Hydrogen is the reacting fuel for the SOFC anode
electrode, but the hydrogen can be produced by reforming natural gas (mainly methane).
This reforming can take place external to the SOFC or inside of the anode; the high
temperature operation allows the endothermic reforming reaction to readily occur inside
the stack. Air is fed through the cathode electrode, from which oxygen electrochemically
reduces to O and is transported through the electrolyte to the anode. This process is
shown in Figure 4.1. The O* oxidizes a hydrogen molecule at the anode, which releases
electrons for current flow. There is an associated voltage with the current flow through
the load (shown as a resistor in Figure 4.1), and this is dependent on the performance
characteristic of the SOFC which determines the amount of total electric power that is
produced for an amount of fuel that is consumed. The details of the SOFC performance

model are given later in this chapter.

The SOFC is modeled as a black-box component (zero-dimensional model) and
designed to operate at a chosen temperature, voltage and fuel utilization. Modeling
parameters for the SOFC performance are chosen from the literature (model modified
from Lisbona et al. [63]). The fuel cell operating conditions are modeled based on the
average temperature and fuel composition of the inlet and outlet. The nominal operating
temperature of the stack is about 725 °C with a per-pass fuel utilization of 62.5%. The

polarization curve is calculated from:

V =0CV — Nact — Nonm — Nconc (4-1)
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Figure 4.1 SOFC cell operation

The OCV is the open circuit voltage, and the 1 terms are the activation, ohmic
and concentration losses described below. The OCV takes into account the temperature
and composition dependence of the Nernst voltage (Equation (4.2)), as well as the

deviation of the experimental OCV from theory.

RT [ Py, P3?
E=E,+—In l#
° nF PHZOPé)t'rSn “2)
E, = 12723 — 2.7645 + 10T, (4.3)

In Equation (4.2) n is the number of electrons transferred for each mole of hydrogen (2)
and F is Faradays constant (96485 J/mol). The deviation of the experimental OCV from
the Nernst voltage is accounted for by Equation (4.4).

T (4.4)
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6 accounts for electronic and ionic conductivity of the electrolyte at open circuit
conditions. This factor is approximated to be 0.94 based on Costamagna et al. [64]. The

activation polarization, 1,.;, 1s determined from the Butler-Volmer (B-V) equation:

. nF nF
] =Jo [exp (aﬁnact> — exp <_(1 —a) ﬁnactﬂ (4.5)

where « is the charge transfer coefficient,

' PO 0.25 E .

Joe =7, < Pﬂ;) exp (— —}‘;T> (4.6)
= (Pr\(Pra0) . (_Eacta
Joa = Va Patm) \Patm P RT J (4.7)

y is an activation overpotential factor and E; is the activation energy; these values are
obtained from Costamagna et al. [65]. The charge transfer coefficient, , typically ranges
from 0.2-0.5 [66]. For “symmetric” reactions (a typical assumption made for SOFC
kinetic behavior), the chemical and electrical energy form equal activation barriers for the
forward and reverse reactions, so @ = 0.5; this simplification is used to reduce the B-V

Equation (4.5) to:

.. . (NF
j = 2j,sinh <mnact> (4.8)

The ohmic loss term, 1,5, 1s dependent on both the resistivity of the stack components
and the membrane thicknesses. An area specific resistance can be used as an

approximation for this dependence, as given by Equation (4.9).
Nonm = JASRonm (4.9)

ASR ,nmic 1 the ohmic area specific resistance estimated from O’Hayre et al. [66] to be
0.04 Q-cm®. The concentration losses, 7)gone, is determined by the limiting current density

in the following relationship:
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RT j
Neone = 7 (1 - ]-—L> (4.10)

where j, is the limiting current density and is estimated to be 1.6 A/cm” at 800 °C from

Lisbona et al. [63].

Figure 4.2 illustrates the polarization curve for the modeled fuel cell operating at
an average temperature of 725 °C, atmospheric pressure, fuel utilization of 62.5% and an

average composition of 50% H,, 42% H,0 at the anode and 18.4% O, at the cathode.
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Figure 4.2 SOFC polarization curve and power density for average temperature of 725

°C, atmospheric pressure, and average composition of 50% H,, 42% H,O at the anode

and 18.4% O, at the cathode

The nominal, single cell voltage of 0.78 volts is chosen so that the stack operates
at a power density of about 0.5 W/cm?, which is an achievable performance for a
methane-fueled SOFC. This chosen voltage corresponds to a current density of about 0.6
A/em” based on the polarization curve of Figure 4.2. The SOFC stack is sized and

designed to operate at this nominal, single cell voltage while generating 1 MWe AC net
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power. Large-scale planar SOFC stacks are expected to employ cell areas as high as 625
cm® [69]. Based on the design voltage and the nominal power output (Ppc) , the size and

number of stacks can be calculated:

Ppc = jArolV 4.11)

where Ppc is near 1200 kWe DC to generate 1| MWe AC net power (due to internal
power needs), j is determined from the modeled polarization curve and operating voltage,
and A;,; 1s the total active area of the cells.

Single cell performance is extrapolated to represent the SOFC stack. The number of cells

and stacks can be determined as follows:

A
Nees = ﬁ (4.12)
N — Ncells
stacks ™ Cells per stack (4.13)

The purpose of the SOFC model is to generate the expected stack performance
characteristics and its associated sensitivity to temperature, pressure, and compositional
variations in the reactant feed gases. The actual size of the stack can be calculated from
the model based on physical dimensions of the stack components. Table 4.1 shows the

SOFC operating parameters of this model and a possible stack sizing calculation.

Table 4.1 SOFC Operating Conditions and Stack Sizing Scenario

Value
T (°C) 727
U 0.62
V (V) 0.78
j (A/em?) 0.62
P (W/em?) 0.48
Acer (cm?) 625
Cells per Stack 200
Ncells 3991

Nstacks 20
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The power density of each cell is 0.48 W/cm?® based on the polarization curve and
design voltage. The stack sizing scenario results in a gross dc power per stack of 60 kW,

which requires 20 stacks to produce the 1200 kWe of dc power demanded by the plant.

4.3 Hydrogen Separation

Hydrogen separation units are placed downstream of the SOFC module. Two
separation methods are considered: electrochemical hydrogen separation and pressure

swing adsorption.

4.3.1 Electrochemical hydrogen separation (Concept 1)

Electrochemical hydrogen separation (EHS) uses electrolytic cells in which an
applied voltage drives hydrogen to oxidize to H' at the anode, diffuse through the
electrolyte membrane, and reduce back to H; at the cathode. Figure 4.3 illustrates the

separation mechanism.

Anode: H, — 2H" + 2e- hode: 2H* + 2e- — H,

HZ
SOFC

Figure 4.3 Electrochemical hydrogen separation membrane showing electrode half
reactions, electron conduction, and proton diffusion through the electrolyte

The result is a hydrogen gas stream exiting the cathode. This process has been

shown to be suitable for methane reformate gas streams with a high degree of separation,
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high purity hydrogen, and relatively small power requirements [70]. PEM electrolytic
cells using polybenzimidazole (PBI) doped membranes operate at temperatures of 160-
200 °C and are able to tolerate levels of CO up to around 1.5 %, which is above the CO
content in typical water-gas shifted anode effluent gas streams. Although the presence of
CO can still hinder the performance of the cell due to poisoning, operating at higher
temperatures (up to 200 °C) reduces the poisoning effect, and sustained (4000 hours)
performance has been demonstrated by Perry et al. [71].

One issue associated with EHS technology is membrane crossover of CO and CO,
which reduces the hydrogen purity at the cathode. Depending on the catalyst used in the
PBI separation unit, the water gas shift reaction could occur at these low temperatures
which could further reduce the CO content in the anode. According to one manufacturer
(Eisman et al. [72]), a CO reduction of 10,000:1 can be realized which would purify the
hydrogen gas to the necessary limit of under 1 ppmv; an experimental evaluation of this
system was tested by Mitlitsky [60] using an anode effluent gas stream, and a 2600:1
reduction of CO was achieved. The gas stream from which hydrogen was separated
contained less than 30% hydrogen, and an overpotential of 0.08 V was required to
achieve 90% hydrogen separation. The CO, from the shifted anode effluent also has the
potential to cross-over the electrolyte to the hydrogen stream at the cathode, and a 1000:1
reduction was found by Mitlitsky [60]. This amount of CO; cross-over reduction would
not purify the hydrogen stream to 99.9999% at the cathode, which is the desired purity
for PEM fuel cells. It is assumed in this study that the purity of hydrogen will improve to
be suitable for PEM-based FCVs as the EHS technology develops.

Although the exact hydrogen separation amount and performance are not known
for commercial scale EHS modules, the present model conservatively estimates a 0.1 V
overpotential to separate 85% of the hydrogen from the shifted anode effluent. This
represents a slight increase in voltage (from 0.08 V) and a slight decrease in separation
fraction (from 90%) as reported by Mitlitsky [60]. The 0.02 V estimated increase in
overpotential is employed to account for the slightly lower hydrogen content in the feed

gas in the present study than that from Mitlitsky [60] (22% versus 29%). A conversation
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with the manufacturer revealed that the performance estimation in this model is

acceptable for a feed gas with a hydrogen composition as low as 20%.

4.3.2 Pressure Swing Adsorption (Concept 2)

Pressure swing adsorption (PSA) is used in industry, specifically in oil refineries,
to separate hydrogen from steam methane reforming (SMR) reactor effluent streams. This
process uses an adsorbent bed to capture non-hydrogen molecules in the inlet gas stream.
The hydrogen is blown out of the first bed before the pressure is lowered to release the
non-hydrogen molecules. This process is commercially proven, but the hydrogen content
in the feed gas is typically higher than 75%. Figure 4.4 illustrates the PSA process which

uses two separate beds to enable continuous operation.

H,

_[—‘: or

Figure 4.4 Pressure swing adsorption schematic

Product hydrogen purities high enough for PEM fuel cells can be achieved
through this process, but the amount of hydrogen recovered decreases substantially with
lower hydrogen content in the inlet gas (< 70%, molar basis) [73]. The effluent of SOFC
generators with fuel utilizations of about 80% will have lower hydrogen content than
SMR eftluent (e.g., ~20% versus ~75%, molar basis). For an SOFC system operating at

atmospheric pressure, there is no reduction in compression energy by using PSA for



121

hydrogen separation. The composition of hydrogen at the inlet of the PSA unit must be

70% or higher for the process to be economical and achieve 85% separation [29].

In order to achieve the 70% hydrogen content in the feed gas, hydrogen recycle is
employed, but this effectively lowers the overall hydrogen separation from 85% down.
The optimum feed pressure to the PSA is 15-29 bar [74]; the inlet pressure for this model

is chosen to be 22 bar.

4.4  Supporting Plant Processes

In addition to the technologies discussed in Section 4.3, various other supporting

subsystems are now explained.

Figure 4.5 illustrates the plant’s various subsystems, including the SOFC and the

hydrogen recovery subsystems, which were explained earlier.

CH. C - ... YN[ .. 1

Figure 4.5 SOFC CHHP system process flow diagram

4.4.1 Fuel & Air Input, Recycle Mixing, and Preheat

Methane and air are fed into the system and compressed to 20 kPa above
atmospheric pressure to account for pressure loss of the system. The fresh methane feed
is mixed with recycled anode exhaust gas, which is used to ensure a steam-to-methane
ratio of 2.5-3 at the pre-reformer inlet. Water production at the anode along with 65%
anode recycle is sufficient to meet the steam-to-carbon ratio requirement. This extent of
recycle brings the fuel utilization up from 62.5% per-pass to 82% overall. A ternary

diagram analysis for hydrogen, carbon and oxygen atoms indicates that carbon deposition



122

is not thermodynamically favorable for the pre-reformer and anode operating conditions,

as shown by the operating condition mark indicated in Figure 4.6.

600 °C V2
800 °C ]
NO DEPOSITS 1000 °C
~ 0 0

.\_0

Figure 4.6 Ternary diagram analysis for carbon deposition at the SOFC anode inlet

H

Air supply is determined by the amount of cooling needed in the stack. An air
stoichiometric factor for the system, defined as the ratio of oxygen fed into the cathode to
the oxygen that is electrochemically reduced, is about 3.3 to limit the temperature rise of

the stack to 150 °C.

The fuel mixture (fresh methane plus recycled gas) is heated to 700 °C by first
exchanging heat with the anode effluent and then combustor effluent. The anode effluent
is not hot enough after exchanging heat with the reformer effluent to accomplish

adequate reformer preheat.

The air must also be heated to 650°C to avoid mechanical failure of the stack
from a large temperature gradient. Air preheating also improves the kinetics of the
oxygen reduction reaction. The air is partially heated (from 20 °C to about 80 °C) in a

heat exchanger which is used to cool the non-recycled anode effluent to a temperature
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favorable for the water gas shift reaction. The bulk of the air heating (to 650 °C) occurs in

a cathode feed-effluent recuperation heat exchanger.

All of the heat exchangers in the model are designed to have a 10 °C minimum
temperature approach. The total heat loss for the plant is modeled to be 2.5% of the LHV
of the methane feed. Table 4.2 summarizes the distribution of heat loss throughout the

plant.

Table 4.2 Heat loss in %LHV of methane feed

% of Methane
Feedstock LHV
Pre-reformer 0.25%
SOFC 1.0%
WGS Reactor 0.25%
Combustor 0.5%
System Piping 0.5%

The heat loss allocation results in about 5 kW of heat loss for the pre-reformer

and WGS reactor, 10 kW for the combustor and system piping, and 20 kW for the SOFC.

4.4.2 Fuel Pre-reforming

The fuel mixture is preheated to 700 °C for partial catalytic steam methane
reforming (SMR). Pre-reforming of the methane is beneficial to limit the temperature
gradients in the stack. The endothermic SMR reaction will occur near the inlet of the cell,
and the coinciding exothermic electrochemical oxidation of hydrogen causes a steep
temperature gradient down the length of the cell. By limiting the amount of direct internal
reforming, the temperature gradient will be reduced. Pre-reforming is also necessary to
reduce the higher hydrocarbons (e.g. C,Hg) typically present in natural gas to CH4 and H;
molecules to minimize the risk of carbon deposition, although this aspect is not an issue
in the present model. While partial external reforming is beneficial, the endothermic
internal reforming also improves the performance of the stack by reducing the cathode air
requirement to limit the stack temperature rise. Reforming of 20% of the CH4 in the fuel

mixture is used for the model. The endothermic reforming lowers the temperature of the
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fuel stream, so another heat exchanger is used to bring the anode inlet stream up to 650

°C using the anode effluent gas stream (exits at 800°C).

4.4.3 Hydrogen Recovery: Water-Gas Shift Reactor

The anode effluent which is not recycled is cooled down to around 300 °C which
is favorable for the water gas shift (WGS) reaction. The WGS reactor is necessary to
increase the hydrogen content of the gas entering the hydrogen separation unit. The
performance of the EHS and PSA unit benefit from increased hydrogen concentrations.
Although the EHS unit is modeled to separate 85% of the incoming hydrogen,
independent of hydrogen concentration at the inlet, a WGS reactor is assumed beneficial
for both separation methods. The anode effluent stream in the presence of a WGS catalyst

is assumed to be in shift equilibrium in the model.

4.4.4 Heat Recovery

The hydrogen depleted tail-gas of the hydrogen separation unit is fed into a
combustor for heat recovery. If the energy in the depleted gas is not sufficient to raise the
combustor effluent to 750 °C, excess methane is fed into the combustor. This is necessary
to maintain the minimum temperature difference for fuel reforming gas preheat. Because
of the higher overall hydrogen separation amount for the EHS, excess methane is
required for the combustor in Concept 1. The PSA Concept does not require excess
methane because the heating value of the gas flowing into the combustor is high enough

(lower hydrogen separation).

4.4.5 Blower & Compressor Performance
The chosen efficiencies of the blowers and compressors vary because of the
different operating temperatures and compositions. Table 4.3 indicates the isentropic

efficiency of the blowers and compressors which all have a mechanical efficiency of

95%.
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Table 4.3 Isentropic Efficiencies of Compressors and Pump

Isentropic Efficiency

CH,4 Blower 75%
Air Blower 65%
Recycle Blower 50%
PSA Recycle Compressor 82%
H, Compressor 82%
PSA Compressor 75%
Water Pump 85%

The anode recycle compressor operates at a low efficiency of 50% because of the
high temperatures of the incoming gases (530 °C). Both the PSA compressor and the
hydrogen product compressor require multiple stages because of an imposed pressure
ratio limit of 2:1 with intercooling. The model assumes intercooling can be accomplished
with negligible energy requirements (e.g. electric power for pumping cooling water to a
heat exchanger). While this removes thermal energy from the gas streams, it makes the
compression more efficient. By the same reasoning, the power required to cool and
condense the gas stream for the PSA was also neglected, but this cooling results in a

more significant heat recovery loss which lowers the plant performance.

4.5 System Design

Figure 4.7 illustrates the first design concept (Concept 1) of the CHHP system.
Methane enters at state-point (1) and is compressed before mixing with the anode recycle
gas. The fuel mixture is then heated in HX-01 before pre-reforming. The gas is heated a
second time and enters the anode of the SOFC at state-point (6). The heat from the anode
effluent is exchanged with both the anode and pre-reformer inlet gas streams. Part of the
gas stream is then recycled, and the rest (10) gets cooled to a temperature (300°C)
suitable for the water gas shift (WGS) reactor. The heat from the WGS reactor effluent is
partially recovered in the hot water loop (32-33-34-35) before entering the EHS unit. The
recovered hydrogen (30) is compressed to 30 bar. The EHS tail-gas (16) is combusted
with part of the cathode effluent (air). The combustor effluent exchanges heat with the

pre-reformer feed gas (heat exchanger not shown; red arrow indicates heat stream) and
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then with the water loop in HX-06 before being exhausted (29) at 92°C. The air for the
cathode enters at (19) and undergoes the bulk of its preheating in HX-04 before entering
the cathode (22) at about 650°C. The cathode effluent heat is recuperated in HX-04 and is
then sent to the combustor. Part of the cathode effluent (25) is used for combustion, and

the rest is bypassed before exchanging heat with the water loop in HX-06.

Figure 4.8 illustrates the second design concept (Concept 2). The differences
between these concepts are evident in the hardware downstream of the water gas shift
reactor (14). The shifted anode effluent heat is partially recovered to the water loop in
HX-05, and a fraction of the water is condensed out. The remaining water is then drained
in the condenser so that the PSA compressor inlet contains no water. The gas is
compressed and sent to the inlet (20) of the PSA unit. Part of the hydrogen which is
separated by the PSA unit is recycled back to the inlet to achieve the designated inlet
composition, and the remaining hydrogen stream (26) is compressed to 30 bar. The PSA
tail-gas is sent to the combustor, by which heat is recovered in HX-06 as described in

Concept 1.

The design of the heat recovery subsystem is slightly different for the two
separation methods. The water loop for Concept 1 flows through combustor effluent heat
exchanger (HX-06) first, and then it recovers heat from the WGS effluent heat exchanger
(HX-05) to cool the gas down to 190 °C for EHS operation. The water loop for Concept 2
flows through HX-05 first to maximize heat recovery, since the PSA feed gas has to be
cooled down much further (to 40°C) than the EHS feed gas. A portion of the condensing
can be accomplished in the HX-05 by this design. The remaining cooling for condensing

the PSA inlet stream is assumed to be lost to the environment.

4.6 Model Results

The model was simulated in Aspen Plus™ for the generation of performance
characteristics. Two baseline operation cases were simulated which differed mainly in the
method for hydrogen separation. The plant was designed to output a net power of IMWe

AC, and the required methane fuel was calculated from the simulation.
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Figure 4.8 Concept 2: SOFC CHHP with PSA and table of state points

T(O) | P(kPa) | i (kgs)

1 20 101 0.039
2 37 122 0.039
3 478 122 0.349
4 700 119 0.349
5 568 116 0.349
6 658 114 0.349
7 750 109 0477
8 676 108 0477
9 529 107 0477
10 529 107 0.167
1 529 107 0310
12 574 122 0310
13 301 105 0.167
14 344 102 0.167
15 104 100 0.147
16 104 100 0.020
17 40 100 0.109
18 40 100 0.038
19 50 1772 0.109

0.118

0.108

0010

0.008
24 56 1772 0.008
25 53 1720 0.002
26 70 3039 0.002
27 20 101 1.849
28 45 122 1.849
29 79 121 1849
30 655 119 1.849
31 801 114 1721
32 201 113 1721
33 201 13 0.103
34 201 13 1618
35 845 98 0211
36 286 98 1828
37 | 115 o7 1828
38 60 207 5215
39 60 276 5215
40 65 241 5215
41 80 207 5215
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The hydrogen and heat generated downstream of the SOFC are byproducts, so the
potential for recovery is dependent on the fuel utilization and efficiency of the SOFC.

Figure 4.9 gives the overall plant feedstock consumption and commodity production.

er)

O g P

Figure 4.9 SOFC CHHP plant material and energy inputs and outputs

The feed rate of methane is the only energy input into the system, since the SOFC
supplies the electrical needs of compression and EHS power. Some excess methane is fed
into the burner to supply proper fuel preheating which cannot be accomplished by anode
effluent recuperation. The outputs of the system are the net | MWe AC power,
compressed hydrogen to 30 bar, and heat in the form of a hot water (80 °C). Table 4.4

gives an overview of the net inputs and outputs of the plant.

For concept 1, the overall fuel efficiency is 79.3% based on the HHV of hydrogen
and (85.2% on an LHV basis), as defined by Equation 4.14.

_ Ppet + Heat + HHV y,
Newnp = HHV ¢y, (4.14)

The electrical efficiency (HHV) is defined by Equation (4.15):

_ P
Netec = HHVCH4 (4.15)

The heat production efficiency (HHV) is defined by Equation (4.16).
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Table 4.4 Energy balance summary

Concept 1:  Concept 2:

EHS PSA
Energy Inputs
Methane Feed (kg/s) 0.0420 0.0388
Methane LHV (MJ/kg) 50 50
Methane HHV (MJ/kg) 55.5 55.5
Power LHV (kW) 2102 1941
Power HHV (kW) 2333 2155
Internal Power Use (kW)
CH,4 Compressor 1.6 1.6
Air Compressor 48.2 48.2
Recycle Compressor 25.8 25.8
Heating Water Pump 0.5 0.5
H, Compressor 16.6 1.6
EHS Unit 26.8
PSA Compressor 47.5
PSA Recycle Compressor 0.4
Total Internal Power Use (kW) 119.4 125.6
Losses
Heat Loss 61.9 58.3
DC/AC Inversion Loss 60.3 60.3
Energy Outputs (kW)
SOFC Gross Power kWe AC 1144.9 1144.9
Heat kWt 427.3 417.2
Hydrogen (kg/day) 241.6 132.1
H, Power LHV 338.4 184.9
H, Power HHV 396.5 216.7
Gross Output (Power, Heat, H,) LHV 1910.5 1747.0
Gross Output (Power, Heat, H,) HHV 1968.6 1778.8
Net Electric Power Output 1025.5 1019.2
Net Energy Output LHV 1791.1 1621.3
Net Energy Output HHV 1849.3 1653.1
Efficiency
Electrical Efficiency LHV 48.8% 52.5%
Electrical Efficiency HHV 44.0% 47.3%
Heat Production HHV 18.3% 19.4%
H, Production HHV 17.0% 10.1%
Fuel Efficiency LHV 85.2% 83.5%

Fuel Efficiency HHV 79.3% 76.7%
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Heat
Mheat = HHV ¢y, (4.16)

The hydrogen production efficiency (HHV) is defined by Equation (4.17).

_ HHV y,
Ny, HHV y, (4.17)

These efficiencies are given in Table 4.4. Two main differences between the two
concepts are the hydrogen production and the electrical efficiency. The hydrogen
production for Concept 1 is much higher due to the increased separation fraction of
hydrogen for EHS compared to PSA; this is discussed in more detail below. The
electrical efficiency for Concept 2 is higher than Concept 1 mainly because Concept 2
does not require the combustion of excess methane for preheating the SOFC fuel; while
the PSA unit separates less hydrogen, the combustible tail-gas energy is sufficiently high
to provide adequate fuel preheat. The gross AC power of 1145 kW is required to provide
a net output of 1026 kW, while supplying the internal electricity of 119 kW (Concept 1).

In Concept 1, the EHS separates 85% of the hydrogen from its feed gas with the
assumption of faradaic flows and an overpotential of 0.1V. The total power required for
hydrogen separation is about 27 kW which includes a small amount of internal
compression of the hydrogen gas up to 133 kPa as estimated by Thomassen et al. [70]; in
essence this is a “free” compression because the voltage required for separation is also
compressing the gas for no additional power input. The separated stream is assumed
purified to 1 ppm of CO based on the cathode reduction of CO reported by Mitlitsky [60]:
a high enough quality for PEM transportation fuel cells which are the likely recipient of
the product hydrogen.

Concept 2 exhibits an 76.7% overall efficiency (HHV). To reiterate, the PSA can
only economically separate hydrogen if three criteria are met: the gas is at low
temperatures (40-50 °C), the gas is dry, and the hydrogen composition is above 70% [29].
The anode effluent must be cooled and drained of water before entering the PSA

subsystem. About half of the heat loss due to PSA inlet gas cooling is recovered in the
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heating water loop, but the other half is lost to the environment; this loss partially offsets
the additional heat from the excess hydrogen going into the combustor. For the
composition requirement, a hydrogen recycle of the separated hydrogen coming out of
the PSA is needed to bring the 40% H, anode effluent content by volume up to 70%.
While each pass of the PSA separates 85% of the hydrogen, the required recycle of 84%
brings the net hydrogen recovery down to about 47%.

The electric power required for hydrogen separation and compression are nearly
equal for both Concepts (~5 kW difference), but that is mainly because the PSA requires
less power to compress less hydrogen. In terms of energy-per-kg of hydrogen separated
(compression energy not included), the EHS unit requires 2.7 kWh/kg-H, while the PSA
unit requires about three times more energy (8.2 kWh/kg-H,) to separate hydrogen from
the shifted SOFC tail-gas. It should be noted that the compression power is significantly
less for Concept 2 because the PSA-separated hydrogen is already compressed to 22 bar.

Concept 1 requires an additional 160 kW of fuel to the combustor for SMR
preheat which also increases the heat recovery. Both concepts generate about 400 kW of
thermal energy in the form of hot water which translates into a plant thermal-to-electric
ratio of about 0.4. The chemical (hydrogen fuel)-to-electric ratio differs more
substantially between concepts, with Concept 1 at 0.33 and Concept 2 at 0.18 on an LHV
basis. As will be discussed, the amount of hydrogen production can be increased by
increasing the fuel input to the plant without substantially increasing the electric power

production via electrochemical fuel conversion.

4.6.1 Hydrogen Over-production Case Study

An operational case study for this system is carried out to explore the effect of
producing excess hydrogen. The requirement for each concept is to produce an extra 100
kg-H,/day from the baseline case (Table 4.4). This requirement is met by feeding excess
methane into the system, while the electric power requirement is still 1 MWe AC. The

excess methane fed into the system gets reformed in the SOFC subsystem, and there is a



Table 4.5 Hydrogen over-production case study model results

Concept 1:  Concept 2:
EHS PSA
Energy Inputs
Feed rate (kg/s) 0.0441 0.0417
Meth LHV (MJ/kg) 50 50
Meth HHV (MJ/kg) 55.5 55.5
Power LHV (kW) 2206 2084
Power HHV (kW) 2449 2313
Internal Power Use (kW)
CH4 Compressor 1.7 1.7
Air Compressor 41.8 42.5
Recycle Compressor 27.9 27.7
Heating Water Pump 0.4 0.4
H, Compressor 24.4 3.0
EHS Unit 38.5
PSA Compressor 57.3
PSA Recycle Compressor 0.4
Total Internal Power Use (kW) 134.7 133.0
Losses
Heat Loss 61.5 59.7
DC/AC Inversion Loss 61.0 61.0
Energy Outputs (kW)
SOFC Gross Power (kWe AC) 1160 1159
Heat (kWt) 391.5 416.6
Hydrogen (kg/day) 344.9 237.7
H, Power LHV 482.9 332.9
H,; Power HHV 566.0 390.1
Gross Output (Power, Heat, Hy) LHV 2034 1908
Gross Output (Power, Heat, H,) HHV 2117 1965
Net Electric Power Output 1025 1026
Net Energy Output LHV 1900 1775
Net Energy Output HHV 1983 1832
Efficiency
Electrical Efficiency LHV 46.5% 49.2%
Electrical Efficiency HHV 41.9% 44.3%
Heat Production HHV 16.0% 18.0%
H, Production HHV 23.1% 16.9%
Fuel Efficiency LHV 86.1% 85.2%
Fuel Efficiency HHV 81.0% 79.2%

133
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reduction in fuel utilization (from 63% to 54% per pass). Results from this scenario are
given in Table 4.5.

The increase in hydrogen production for this operation mode is about 100 kg/day,
as specified. The total hydrogen production amounts to 345 kg/day for the Concept 1, and
238 kg/day for Concept 2. For perspective on the amount of fuel cell vehicles that this
level of production can sustain, a couple of assumptions must be made: the vehicle owner
drives 12,000 miles per year (33 miles per day) and the fuel cell vehicle achieves 55
miles per kilogram of hydrogen. These assumptions lead to a hydrogen supply for 577
vehicles for Concept 1 and 398 vehicles for Concept 2. These are approximations of the
usage and performance of fuel cell vehicles, but they give a ballpark estimate as to the

scale of fuel cell vehicles this production plant could supply.

The results from this case study show an increase in overall system efficiency for
several reasons. Both scenarios resulted in an increase in operating voltage by about 10
mV due to a higher content of reactant hydrogen (increases the Nernst potential), which
slightly increased the SOFC efficiency. Despite this increase in operating voltage, both
electrical efficiencies went down because of decreases in fuel utilization and increases in
compression work for the recovered hydrogen. Slightly less compression power is
required for the air blower (excess air is used for cooling the SOFC stack) in both
concepts because the heat capacity of the anode gas increased. Concept 1 (ESA) required
less additional methane for fuel preheat than the baseline case, even with the high amount
of hydrogen recovery. Overall efficiency for Concept 2 (PSA) shows a greater increase
than Concept 1 due to an increase in hydrogen separation efficiency; hydrogen recovery
from the PSA increased from 47% to 60% because of a higher hydrogen content in the
feed gas of the PSA. The energy required for PSA hydrogen separation in Concept 2 was
lowered to 5.8 kWh/kg-H, (from 8.7), while the EHS unit in Concept 1 remained the
same at 2.7 kWh/kg-Ho.

While the operation for producing excess hydrogen results in a higher overall
efficiency, the value of hydrogen versus electricity is uncertain. If there is no demand for

the excess hydrogen, it is not recommended to operate in this mode. This study is only
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analyzing the production of hydrogen, and additional compression is necessary if
hydrogen storage is used. The hydrogen must be highly compressed (up to 450 bar) for
adequate volumetric energy density in storage tanks. This excess energy requirement for
storing hydrogen emphasizes the value of producing hydrogen on demand. This system
could divert the anode effluent to the combustor if the demand for hydrogen is low to

mitigate the need for storage.

4.7 Economics

The economics of this process are evaluated to determine the value of the
hydrogen produced in a polygeneration SOFC system. The economics are evaluated on

the baseline EHS Concept system.

4.7.1 Capital Investment

The capital investment of the plant must first be determined. The subsystems of
the plant include methane fuel and air preheat, SOFC electricity generation, hydrogen

production, and heat recovery.

Multiple sources are used to determine the capital cost of the plant. The cost
scaling methodology explained in Chapter 2 is used for some of the plant components,
but several of the component costs are determined on a “per-unit” basis (e.g. $/kW).
Table 4.6 gives the component cost breakdown of the plant, and the details of the cost
references are given as footnotes of Table 4.6. It should be noted that this costing

methodology results in an accuracy of +30%.

In addition to direct costs, the indirect costs shown in Table 4.7 include
engineering and design, plant construction, legal and contractors fees, and project
contingencies; these costs were allocated based on Spath et al. [29]. The total capital

investment (direct plus indirect costs) amounts to 4,042 k$2009
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Table 4.6 Cost of system components in k$,009

c,” S, S wnits  n IFIC
SOFC & Inverter® 0.53 1 1145 k$/kW - 142 858
Reformer 204 1125 334 kgHy/day 0.7 1.1 96
WGS Reactor? 169 1500 282 kgH,/day 0.7 1.1 58
EHS Unit® 2.23 1 27 k$/kW - 142 85
Heat Exchangers' - - - - - - 675
Blowers & Pumps' - - - - - - 215
Burner' - - - - - - 248
H, Compressor® 23 | 10 kgHo/hr - 247 155
Total Installed Costs" 2,390
Total Direct Costs' 2,677

*These base costs have been scaled from the original cost index (CEPCI,) to the 2009
CEPCI (521.9)

°The installed factor is only used if the base cost does not include installation (otherwise
its value is 1).

¢ Gerdes et al. [58]: cost of SOEC module of 400 $5002/kW uninstalled based on DOE cost
target for SOFC systems including rectifier and controls. An installation factor of 1.42 is
also referenced.

4 James [75]: H2A forecourt SMR derived H, case study; scaled based on kg Ha/day
produced.

¢ Saur [76]: based on a PEM electrolyzer cost of 2000 $500s/kW.

f AspenTech Economic Analyzer™ software is used to calculate the installed cost of
floating head shell and tube heat exchangers based on heat transfer area (heat transfer
coefficients calculated from P&T and materials suitable for the operating temperature
(inconel was used for high temperature (>700 °C) operation), blowers and pumps based
on flow rates and design pressure, and a high temperature burner based on heating duty
and flow rate.

& James [75]: H2A forecourt SMR derived H, case study

" The TIC of the plant components is not inclusive of buildings and service facilities for
the plant.

' The buildings and services facilities are estimated to be 12% of the total installed cost,
adding 287 k§ to the installed component costs for the total direct costs.

Table 4.7 Indirect costs allocated as a percentage of TDC from Spath et al. [29] and
actual costs for this plant

% of TDC k$

Engineering & design 13 348
Site prep & construction 14 375
Legal and contractors fees 9 241
Project contingency 15 402

Total Indirect Costs 51 1,365
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4.7.2 Operating & Maintenance Costs

The operating costs for the plant were estimated using multiple sources and
assumptions. The SOEC operating, maintenance, and replacement costs were estimated
based on Gerdes et al. [58] to be 0.22 ¢/kWh; the same assumption for operating the EHS
unit is made. Table 4.8 gives the annual O&M costs for the major components of the

plant.

Table 4.8. Operating costs for various components

Annual k$
SOFC* 20.9
Reformer catalyst® 13.3
WGS Reactor catlayst* 4.7
EHS unit’ 0.5
Unplanned® 40.4
Total 79.9

* Gerdes et al. [58]: 0.22 ¢/kWh of SOFC AC, production

® James [75]: reactor sizing from 20,000 GHSV with 7 $,¢¢s/1b-cat. Assumed catalyst
density of 1200 kg/m’. Catalyst replaced every year.

¢ James [75]: reactor sizing from 10,000 GHSV with 7 $,0s/Ib-cat. Assumed catalyst
density of 1200 kg/m’. Catalyst replaced every year.

4 Assumed same operating costs as SOFC (0.22 ¢/kWh for DC power input to EHS)
¢ Unplanned O&M assumed to be 1% of the production TDC based on Steward et al.
[77].

' This total is not inclusive of labor and overhead, insurance and taxes, licensing and
permitting, and property rental.

In addition to the total O&M in Table 4.8, the annual labor and overhead,
licensing and permitting, insurance and taxes, and rent payments amount to 89.1 k$. The

total annual O&M amounts to 168.9 k$.

4.7.3 Methane Feedstock & Electricity Credit Rates

2010 data from the Energy Information Agency data gives insight into the range
for both methane feedstock and electricity credit rates. The range of natural gas rates for
commercial consumers is roughly 7-15 $/MMBTU (HHYV basis) for the continental
United States (30 $/MMBTU for Hawaii), with the average at 10 $/MMBTU. Electricity
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rates range from 0.07 $/kWh to 0.16 $/kWh for the continental United States (0.29
$/kWh for Hawaii), with the average at 0.10 $/kWh. The heat production is accounted for
by assuming it is displacing hot water produced from a natural gas fired boiler which
operates with 80% efficiency; this reduces the net cost of natural gas feedstock

proportional to the heat production.

4.7.4 H2A Life Cycle Analysis
The total capital investment (direct and indirect) for the plant is an input for the
H2A life cycle analysis tool [42], which is used to generate a levelized cost for hydrogen

production. The various economic parameters specified for the H2A program are given in

Table 4.9.

Table 4.9. Economic inputs to the H2A tool

Value

Constant dollar value 2005
Internal rate of return (after-tax) 10%
Debt/Equity 0%/100%
Plant life 20 years
Depreciation MACRS
Depreciation recovery period 7 years
Construction period 1 year

1* year 100%

2" year 0%
Start-up time 6 months
Revenues 50%
Variable costs 75%
Fixed costs 100%
Working capital 15% of total capital investment
Inflation rate 1.90%
Total taxes 38.90%

Decommissioning costs
Salvage value

10% of depreciable capital
10% of total capital investment

Operating capacity 90%

CH, feedstock cost Varied
Electricity product price Varied

Heat product cost Equivalent to CH4 feedstock
Hydrogen product cost Output
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The operating capacity is assumed to be 90%; this is relatively high compared to
the previous two fuels production plants for two reasons: 1) the methane feedstock
(natural gas) is available on-demand and ii) the SOFC system is assumed to be operating
continuously (to baseload a building cluster), so downtime is only caused by routine
maintenance and replacements. A range of methane feedstock cost is explored to account
for the dynamic nature of natural gas pricing and the variation of prices throughout the

United States. The electricity product value is also varied for the same reason.

4.7.5 Hydrogen Production Cost Sensitivity Analysis
A breakdown of cost contributions to the total cost of hydrogen produced from

this system in $/kg is shown in Figure 4.10.
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Figure 4.10. Cost contribution to hydrogen production for an electricity credit price of
0.10 $/kWh at various methane feedstock costs

The capital costs are the most significant contributor when the methane feedstock
costs are low (below 8 $/MMBTU). The methane feedstock cost contribution dominates

when the costs are high, and the hydrogen production cost rises quickly for a constant
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electricity credit price of 0.10 $/kWh. As the methane feedstock costs increases, the heat
production credit also increases which decreases the rate at which hydrogen production

cost goes up. The O&M cost adds about 2 $/kg to the hydrogen production cost.

Figure 4.11 illustrates the dependence of hydrogen production cost on the
methane feedstock cost at various electricity credit prices. The cost of hydrogen has an
increasing linear dependence on the methane feedstock cost, as shown in Figure 4.11. For
the electricity credit of 0.12 $/kWh, the hydrogen production cost ranges from 0-6.5 $/kg
for the methane feedstock cost of 6-16 $/MMBTU. For each 1 $/MMBTU of methane
feedstock cost, the hydrogen production cost increases by about 0.67 $/kg. For the
electricity credit of 0.08 $/kWh and a methane feedstock cost of 6 $/MMBTU, the cost of
hydrogen production is about 4 $/kg, and it rises to about 11 $/kg for a high methane

feedstock cost of 16 $/MMBTU.
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Figure 4.11. Cost of hydrogen production dependency on methane feedstock costs for
various electricity credit prices

Figure 4.12 illustrates the dependence of hydrogen production cost on the

electricity credit prices at various methane feedstock costs.
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Figure 4.12. Cost of hydrogen production dependency on electricity credit prices for
various methane feedstock costs

The cost of hydrogen production has a decreasing linear dependence on the
electricity rate. The hydrogen production cost ranges from 12 $/kg to essentially free for
an electricity credit price range of 0.04 $/kWh to 0.16 $/kWh. For each 0.01 $/kWh of
electricity credit, the hydrogen production cost increases by about 1 $/kg. For a methane
feedstock cost of 12 $/MMBTU and an electricity credit price of 0.10 $/kWh, the cost
hydrogen is 5.9 $/kg. For a methane feedstock cost of 16 $/MMBTU, the hydrogen cost
ranges from 14.7 $/kg to 2.3 $/kg for the range of electricity credit prices shown.

The cost of producing hydrogen from the SOFC CHHP system is highly
dependent on both the methane feedstock cost rate and the electricity product value. This
is consistent with the economic trade-offs of fuel and power producing systems: higher
value products and lower value feedstock will result in favorable economics. The Spark
Spread can be approximated as the difference between the cost of natural gas (in
$/MMBTU) and electricity (in ¢/kWh), and it determines the economic viability of using
fuel cell systems. As a rule of thumb, the Spark spread should be greater than two for fuel

cell systems to be cost effective; this is also necessary for the hydrogen production cost to
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be low. The cost of hydrogen is 2.4 $/kg when the electricity price is 12 ¢/kWh and the
methane feedstock cost is 10 $/MMBTU; lowering the cost of the methane feedstock
down to 9 $/MMBTU (Spark spread of three) brings the hydrogen production cost down
to 1.77 $/kg.

In relation to gasoline prices for which the hydrogen would replace, hydrogen fuel
cell vehicles can achieve between 50-70 miles per kg of hydrogen; this is almost double
the fuel economy, in miles per gallon of gasoline, compared a gasoline powered car. The
value of hydrogen in $/kg can be competitive with gasoline at prices above the selling

price of gasoline (3-4 $/gal) for this reason.

4.8 Summary & Conclusions

This study aimed to demonstrate the potential benefits of hydrogen co-production
from an SOFC system. The unique aspect of this plant, compared to other co-generating
fuel cell systems, is the separation of hydrogen which could be used for end uses such as
PEM fuel cell vehicles. SOFC systems with co-generation are known to exhibit high
overall efficiency, and this study characterized the potential for a relatively new
technology (EHS) to separate hydrogen from SOFC effluent gas streams. The overall fuel
efficiency of 79.3% HHV (85.2 LHV) is relatively high, and the value of PEM fuel cell

grade hydrogen could make this type of a system even more desirable.

There are several trade-offs between the two methods for hydrogen separation.
The PSA system is a commercially developed separation method, but the performance
suffers from a low concentration of hydrogen in the anode effluent stream. This results in
a low overall hydrogen separation rate of less than 50% for the PSA method. While ESA
units are less commercially available, they use less electricity based on the assumed

overpotential of 0.1V, and the separation rate of 85% is much higher.

The case study for hydrogen overproduction results in increased overall efficiency
for both concepts: an increase of 1.7 efficiency points for Concept 1 and 2.5 points for
Concept 2 (HHV basis). The PSA efficiency shows a greater increase due to the increase

in hydrogen content for the PSA, but the EHS concept still has higher efficiency (both
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hydrogen and overall). The increase in hydrogen recovery and a higher overall efficiency

makes the EHS unit a better option than PSA for SOFC effluent hydrogen separation.

The economics of this process were evaluated to determine the value of the
hydrogen produced in a co-generation plant. For the electricity credit of 0.08 $/kWh and
a methane feedstock cost of 6 $/MMBTU, the cost of hydrogen production is about 4
$/kg, and it rises to about 11 $/kg for a high methane feedstock cost of 16 $/MMBTU.
For each 1 $/MMBTU of methane feedstock cost, the hydrogen production cost increases
by about 0.67 $/kg. For a methane feedstock cost of 12 $/MMBTU and an electricity
credit price of 0.10 $/kWh (spark spread of 2), the cost hydrogen is 5.9 $/kg. For each
0.01 $/kWh of electricity credit, the hydrogen production cost increases by about 1 $/kg.
The economic findings in this study show that hydrogen production costs are highly

dependent on the spark spread of methane and electricity.
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CHAPTER 5

FUEL PRODUCTION AND DELIVERY COST COMPARISON

A discussion of the relative advantages and disadvantages of the analyzed
pathways to fuel production is presented in this chapter. The cost of fuel production for
the three pathways presented in Chapters 2, 3, and 4 are compared using a range of
primary feedstock costs. A case study is analyzed for the delivery costs to fueling stations
based on a common set of assumptions for all fuels. The fuel delivery cost is determined
to compare the total consumer cost of hydrocarbon fuels to a hydrogen production
pathway at the same scale. This analysis is made to determine the relative benefits of
producing fuels which can be used the existing infrastructure. A discussion on the
advantages of producing hydrogen from the small-scale SOFC CHHP plant is given in

comparison to large-scale renewable production and distributed production.

5.1 Fuels Production Cost Comparison

To compare fuel production cost from the plants presented in this thesis, it is
necessary to use a consistent cost of energy for both the plant inputs and outputs. Figure
5.1 illustrates the production cost of SNG from Chapter 2, gasoline and diesel from
Chapter 3, and hydrogen from Chapter 4 in units of $/GJ; the primary feedstock costs for
these plants represent hydrogen, electricity, and methane (equivalent to natural gas),
respectively. The range which corresponds to the feedstock cost for each plant is 0-7
$/kg-H,, 0-0.14 $/kWh, and 3-20 $/MMBTU for the hydrogen, electricity, and methane,
respectively. The upper end of the hydrogen feedstock cost range is representative of
renewable hydrogen production from electrolysis [41]. The electricity cost range is
assumed to capture the costs of electricity generated from renewable sources, such as
wind. The methane feedstock cost range is inclusive of the range of fossil-based natural
gas costs for the continental U.S; the upper end of this range captures a scenario of

purchasing a renewable energy credit (REC) for the methane feedstock. A REC for the
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methane feedstock represents the production of a renewable energy source such as biogas
or landfill gas. A premium (estimated to be 4-10 $/MMBTU) is added on to the cost of
the fossil-based natural gas, and the feedstock is then considered renewable. The plant
capacity factor was shown to have a significant impact on production cost in the F-T
liquid fuels plant, and the relatively high capacity factor of 90% is chosen to compare the
best case scenarios of fuel production cost. The electricity credit price for the SOFC
CHHP hydrogen production plant is chosen to be 0.10 $/kWh based on the 2011 average

price for consumers in the U.S.
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Figure 5.1 Fuel production cost dependence on primary feedstock cost. A 90% capacity
factor is used for each production scenario.

From Figure 5.1, the range primary feedstock costs are different based on the
criteria given above. A range of fuel cost corresponding to 3-4 $/GGE is shown for
reference to the current price of gasoline and diesel fuels derived from crude oil. The rate
of change of fuel production cost is indicative of the efficiency for the SNG and F-T

liquid fuels production plants. The overall plant efficiencies for the SNG and F-T liquid
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fuels plant are 78.0% and 50.1% (HHYV), respectively; the ratio of efficiencies for the two
plants is approximately equal to the ratio of the slope of the respective lines in Figure 5.1
(less than a 3% difference). It should be noted that the likelihood of having no cost for the
feedstock (y-intercept) is not high in the future, but it is less likely to obtain free
hydrogen piped to the SNG plant than it is to obtain free electricity at the wind farm site.
If there is no immediate demand for electricity at the time of production (e.g. if the wind
farm in a remote location has no demand for the wind production at certain times), the
electricity cost could be very low. Therefore, the lower end of the feedstock cost range is

more relevant to the F-T liquid fuels plant than the SNG plant.

The steep slope of the hydrogen production cost line in Figure 5.1 is not explained
by the overall SOFC CHHP plant efficiency (the plant efficiency is 79.3% HHV). The
high rate dependence of hydrogen production cost on methane feedstock cost is because
hydrogen is not the main co-product for the SOFC plant, and the hydrogen production
efficiency (Equation (4.17)) for the plant is only 16.1%. The electricity is the largest co-
product for the SOFC plant, and the economics of the process are highly dependent on
the difference between methane feedstock cost and the electricity credit price (this
difference is termed the Spark Spread). The electricity credit price used for the hydrogen
production cost line in Figure 5.1 is 0.10 $/kWh, and the upper end of the methane
feedstock cost range is 20 $/MMBTU, which corresponds to a Spark Spread of negative
10. SOFC systems are typically only cost effective if the Spark Spread is around 2 or
greater, which would produce hydrogen at 3.2 $/kg.

To illustrate the increase in production cost with an operating capacity factor
similar to that of a wind farm (35%), Figure 5.2 shows the resulting fuel costs. The SOFC
CHHP plant still has a 90% capacity factor because the natural gas feedstock is assumed

to be readily available on demand.

It is indicated from Figure 5.2 that the production cost for gasoline and diesel
increases the most by lowering the capacity factor, and this is due to the large capital
investment which is underutilized with low operation time. Although the SNG production

cost is substantially lower than the synthetic gasoline and diesel cost on an energy basis,
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the current (2011) value of the gasoline and diesel is about 3 times greater than SNG

(natural gas market) because of its widespread use in the transportation market.
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Figure 5.2 Fuel production cost dependence on primary feedstock cost. A 35% capacity
factor is used for the SNG and G &D production scenario.

5.2 Important Factors for Production Economics
There are common factors of the fuel production pathways that require attention

for cost effectiveness and deployment viability:

e Plant efficiency

0 Efficient conversion of renewable energy to fuels

e Feedstock cost

0 Cheap, renewable hydrogen and electricity

e Capital cost

0 Improve technological and manufacturing maturity

e Operating capacity factor
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0 High resource availability (e.g. wind, solar, multiple sources)
e Infrastructure and market value of fuels
0 End-use infrastructure

0 Cheaply deliver to consumers

It is crucial for fuel production plants to utilize the renewable energy, which is
expensive at present (e.g. wind-generated electricity), in the most efficient process
possible. This will allow for the preservation of the source energy in the product fuels,
which is the purpose of the conversion process. The feedstock cost must be as low as
possible to compete with fossil fuels in the near-term, and this variable is dependent on
the technological and manufacturing maturity of the source energy converter (e.g. wind
turbines and electrolysis units). The capital costs for this study assumed a high degree of
technological and manufacturing maturity (e.g. SOEC cost of 750 $/kW installed), and
this is imperative for the co-electrolysis plant in particular. The SOEC capital investment
accounts for about 50% of the total capital cost, and the capital cost contribution to the
fuel production cost is much more significant than the SNG plant, for which the capital
cost represents a much lower percentage of the production cost (20-25%). A high
operating capacity of the plant is crucial to keep the capital investment low with respect
to the lifetime of the plant. The operating capacity depends on the resource availability,
so it is important to construct these plants in a region with continuous, strong winds or
use multiple sources of electricity generation (wind, solar, geothermal, hydro), for
example. Typical wind farm capacity factors range from 30-40%; a slightly higher
capacity factor (40-50%) for the plant can be achieved by under sizing it compared to the
capacity of the wind farm, but using only one intermittent resource for electricity
generation as a feedstock to the plant still represents a major barrier to the economics of

the pathway.

The last factor from the above list has not been discussed in detail, and a high-
level analysis is presented in the following section for the comparison of the value of the
fuels with respect to the existing and future infrastructure and the costs associated with

delivery to the consumer.
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5.3 Case Study for SNG, Gasoline, and Diesel Versus Hydrogen Fuel: Production
and Delivered Cost Comparison

The transport (e.g. pipelines) and end-use (e.g. fuel cell vehicles) infrastructure
for hydrogen is in its infancy. A comparison is made here as to the relative costs of
producing and distributing hydrogen from electrolysis with the costs of producing and
distributing SNG and liquid fuels (gasoline and diesel) from the production plants
presented in Chapters 2 and 3. The SNG plant converts hydrogen, which is piped to the
plant from a wind farm powered electrolysis plant, to SNG, and it is distributed from the
city-gate to the city for end-use. The gasoline and diesel liquid fuels are produced at the
wind farm site, where the co-electrolysis and F-T plant is located. In this case study, the
analysis for hydrogen production is wind-powered electrolysis, which is located at the
wind farm site. The delivery costs for the respective fuels are added to the production

costs for comparison of total consumer cost (excludes taxation of fuels for simplicity).

It is assumed in the fuel production plants from Chapters 2 and 3 that
technological maturity for all components (e.g. SOEC production costs of 750 $/kW) and
resource availability (abundant sources for wind power and carbon dioxide) is attained at
the time of production; these assumptions are reasonable projections for 20-30 years in
the future. A future scenario analysis for central (~50,000 kg-H,/day, located at the wind
farm site) hydrogen production from electrolysis is used from Ramsden et al. [78] to
make an equivalent comparison; this analysis assumes a 44.7 kWh/kg-H, electricity input
(~80% electricity-to-hydrogen conversion efficiency) and an installed electrolyzer cost of
360 $/kW. Using an electricity feedstock cost of 0.08 $/kWh and a capacity factor of
90%, the hydrogen production cost is 4.5 $/kg-H, or 4.2 $/GGE (HHV basis). A 90%
capacity factor is used here just for comparison of these pathways which all rely on the

this factor.

The same assumptions can be used to analyze the cost of SNG and liquid fuels
production. For a 4.5 $/kg-H, production cost with a 0.9 $/kg-H, cost to pipe the
hydrogen to the SNG plant (100 mile pipeline transport [41]), the feedstock cost for the
SNG plant is 5.4 $/kg-H,. The production cost for SNG using a hydrogen feedstock cost
of 5.4 $/kg and a 90% capacity factor is 58.7 $/MMBTU or 7.3 $/GGE. Using 0.08
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$/kWh for the electricity feedstock cost and capacity factor of 90%, the cost of liquid
fuels production is 9.7 $/GGE. Table 5.1 summarizes the production costs and location of
production for this case study. These costs can then be used with a delivery cost

estimation to determine the cost for the end-user.

Table 5.1 Fuels production case study: costs and location of production

Fuel Production Location of Production
Cost ($/GGE)
SNG 7.3 City-gate
Gasoline & Diesel 9.7 Wind farm (100 miles from city-gate)
Central Hydrogen® 4.2 Wind farm (100 miles from city-gate)

* The plant for large-scale, central hydrogen production was not modeled in this
thesis. The analysis was made by Ramsden et al. [78], using an equivalent feedstock
cost and capacity factor.

5.3.1 SNG Delivery Cost

There are two main costs associated with the consumer price of natural gas: the
commodity (the gas itself, or the production of the gas), and the transmission and
distribution costs. Data from the Energy Information Agency (EIA) indicates that roughly
45% of the natural gas price to the consumer is due to the transmission and distribution
costs. This cost is for the delivery from the city-gate to the end-user, so it is accurate to
estimate that the same cost would be added to the SNG for delivery from the city-gate
(where the SNG plant is located) to the consumer. It would be an overestimation to
assume that the delivery cost is 45% of the SNG production cost because the SNG
production cost in much higher than natural gas at present. The average city-gate price of
natural gas in the U.S. is approximately 5.5 $/MMBTU, and the residential consumer
price is approximately 10-11 $/MMBTU (2011 EIA data); the cost of SNG delivery is
estimated to be 5 $/MMBTU.

In addition to standard delivery to residential and commercial end-users (for
heating, and cooking appliances), natural gas can be supplied to the vehicle fleet which
uses compressed natural gas as a fuel. An estimated natural gas dispensing cost of 2.5
$/MMBTU (from EIA) is allocated to the fueling station expenses. To use the produced
SNG for the transportation sector, an estimated 7.5 $/MMBTU (includes the 5
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$/MMBTU for delivery to the fueling station) or 0.93 $/GGE is added on to the cost of
SNG production. In order to compare the fuels on a consistent basis, the cost for SNG

distribution and dispensing to the transportation market should be added. For this case

study, the delivered cost of SNG is 8.2 $/GGE.

5.3.2 Gasoline & Diesel Delivery

The price of gasoline and diesel for the consumer also has a delivery cost
component. It is estimated by the EIA that the delivery and marketing component,
including tanker transport and fueling station costs, contributes about 10% of the gasoline
price paid by consumers. With increasing crude oil prices, this percentage will decrease
slightly. Assuming a conventional gasoline price of 3.5 $/GGE, the delivery cost
contributes about 0.35 $/GGE; this is a reasonable estimate for the delivery cost of the F-
T gasoline and diesel fuels. The distance traveled by gasoline tanker trucks from crude oil
refineries to fueling stations is potentially much greater than that for distributed
production from the F-T liquid fuels plant in this study, which would make the delivery
costs proportionally less. Assuming the 0.35 $/GGE delivery cost, this represents a
relatively small fraction of the total F-T liquid fuels cost. The estimated total cost for

delivered liquid fuels (to the consumer) is 10.0 $/GGE.

5.3.3 Hydrogen Delivery

Yang et al. [79] estimated the additional costs associated with hydrogen delivery
from a centralized production facility (e.g. at the wind farm site), including transmission
(long distance, simple transport), distribution (complex network dispersal to multiple
fueling stations), and dispensing (fueling stations) costs associated with a hydrogen
infrastructure. The study assumes that the hydrogen-powered fuel cell vehicle fleet and
hydrogen fueling stations are abundant, and the process for construction is mature. The
total delivery costs associated with transmission (0.4-4.2$/kg-H,), distribution (1.0-
4.4%/kg-H,) and dispensing (0.4-0.9 $/kg-H,) amount to 1.8 to 9.5 $/kg-H, or 1.7 to 8.8

$/GGE; these cost ranges are from various scenarios (hydrogen demand, city size,
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population density, etc.) analyzed by Yang et al. [79] for fueling station sizes in the range
of 500-3000 kg-H,/day. It is likely that the hydrogen delivery costs are closer to the
upper-end of this range while the hydrogen demand (for fuel cell vehicles) is low. Table
5.2 summarizes the production costs and the delivered costs of the fuels; the hydrogen

delivered cost includes the range of delivery costs from Yang et al. [79].

Table 5.2 Production and delivered cost for fuels

Fuel Production Delivered
Cost ($/GGE)  Cost ($/GGE)
SNG 7.3 8.2
Gasoline & Diesel 9.7 10.0
Central Hydrogen 4.2 5.9-13.0

The cost for hydrogen delivery which equates the delivered hydrogen cost with
the delivered SNG and liquid fuels costs is 4.0 and 5.8 $/GGE, respectively; these values
fall near the center of the delivery cost range predicted by Yang et al. [79] for a full scale
hydrogen infrastructure, which is not in place currently. To this end, the SNG and liquid
fuels have an advantage compared to hydrogen production based on the added expense

for hydrogen delivery and the existing market for the fuels.

Figure 5.3 illustrates the delivered fuel cost of the SNG, F-T liquid fuels, and
hydrogen from central electrolysis. The range of delivered hydrogen cost captures the

range of delivery cost estimates from Yang et al. [79].

From Figure 5.3, the top x-axis range corresponds to the production cost for
hydrogen from the central electrolysis plant, and this value, along with the pipeline
transmission cost from the electrolysis plant to the SNG plant, is used for the SNG
feedstock cost range. This plot illustrates the case study results for a range of feedstock
costs, where there is synergy between the hydrogen source for the SNG plant and the
production cost for the electrolysis plant. The gasoline and diesel costs are within the
range of delivered hydrogen costs, but the gap between the upper end of the delivered
hydrogen cost and the delivered cost for the liquid fuels decreases as the feedstock cost

increases (electricity cost range of 0-0.14 $/kWh is shown); this is indicative of the



154

higher efficiency conversion of the electrolysis plant (80%) compared to the co-

electrolysis and F-T synthesis plant (50%).
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Figure 5.3 Delivered fuel cost dependence on feedstock cost. The range for hydrogen
delivered from central electrolysis is shown. The top x-axis corresponds to the SNG
feedstock (hydrogen produced from the central electrolysis) for SNG production.

The delivered SNG cost range is near the low end of the delivered hydrogen cost
for low feedstock costs, and it increases to just below the average of the hydrogen
delivered costs for high feedstock costs. While the central electrolysis plant is feeding
the SNG plant hydrogen, the SNG plant efficiency of 78% (HHV) is decreasing the
energetic content of the intermediate hydrogen, making it less cost effective to avoid the
hydrogen delivery through conversion to SNG. However, the SNG delivery cost is less
than hydrogen for the range shown, so it is more cost effective to convert the hydrogen to

SNG than it is to produce and deliver the hydrogen directly.
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5.3.4 Distributed SOFC CHHP Hydrogen Production

The comparison of centralized hydrogen production and distributed hydrogen
production from the proposed SOFC CHHP plant (Chapter 4) can also be made to
identify the advantage avoiding the hydrogen transmission and distribution costs. The
advantage of eliminating the majority of the delivery costs is apparent from the findings
in Yang et al. [79]. The additional dispensing cost would still be applied to the SOFC
system to construct and maintain a fueling station, but this only adds 0.4-0.9 $/kg-H; to

the production cost.

It is difficult to make an equivalent comparison of central hydrogen production
and distributed hydrogen production because the two scenarios are producing to a
different size market. The central production is much larger scale with the aims to supply
a large demand. If the demand does not exist, there is no value for the fuel product.
Conversely, if there is no production available, then there is no incentive to create the
demand infrastructure (e.g. there is no motivation for manufacturers to produce fuel cell
vehicles if there is no hydrogen to fuel them). This is termed the “chicken and egg”
problem. There must be a fuel supply and a fuel demand to kick-start the growth of a
transportation market such as hydrogen and fuel cell vehicles. Small-scale hydrogen
production could help solve this dilemma, especially if other co-products can be
produced in place of hydrogen when the demand is temporarily low. The SOFC CHHP
plant can produce hydrogen when it’s needed, and it can divert the tail-gas directly to the
combustor to generate additional heat when there is no demand; this would also eliminate

the need for large amounts of hydrogen storage at the fueling station.

As shown in Chapter 4, the hydrogen production from the SOFC CHHP plant is
highly dependent on the methane feedstock cost and the electricity credit price. For a
methane feedstock cost of 10 $/MMBTU and an electricity credit price of 0.10 $/kWh,
the hydrogen production cost is 4.5 $/kg, which is the same price as the central hydrogen
production from electrolysis (case study described above); this hydrogen is already at the
location of the filling station, so it represents cheaper hydrogen for the consumer (by 1.4-

8.6 $/kg-H,) than producing it at the central production plant. The methane feedstock of
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10 $/MMBTU is equivalent to the current price of fossil natural gas (EIA, 2011), so the

hydrogen production is not renewable in this scenario.

Another small-scale, non-renewable strategy to produce hydrogen is steam
methane reforming (SMR) with subsequent hydrogen purification. This strategy could
produce hydrogen at a similar scale as the SOFC CHHP system, but the only function of
the SMR system is to produce hydrogen. If there is a shortage of demand for the
hydrogen, the system would need to be shut down or implement enough on-site storage
of the excess hydrogen for continuous production. By shutting the system down, the
operating capacity decreases, and the capital investment increases relative to the
production. On-site storage is energy intensive and expensive due to the high pressure
compression needed for adequate volumetric energy density and the need for thick-
walled, non-corrosive storage vessels. The SOFC CHHP system could mitigate these
issues due to its production of multiple co-products. With a temporary low demand for
hydrogen, the system could increase the fuel utilization to produce more electricity, or it

could produce more heat by combusting the SOFC effluent.

It has been noted that the unit cost of hydrogen should be lower for fuel cell-based
distributed polygeneration systems, because the capital investment is leveraged across all
co-products. This claim is examined more closely by comparing hydrogen production
costs via other pathways, as shown in Table 5.3. At distributed-scales (~250 kg/day),
SMR-based hydrogen production cost has been estimated at 3.5 $/kg and around 4.17
$/kg for distributed electrolysis plants (~1050 kg/day scale). In the present study, the
SOFC CHHP plant generates hydrogen at a comparable cost of 4.4 $/kg, which is about
25% higher than SMR-based hydrogen production. As with distributed electrolysis
systems, hydrogen production from fuel cell-based CHHP plants is sensitive to grid
electricity prices (sell-back). Therefore, fuel cell-based polygeneration plants are shown
to have hydrogen production costs that are on par with conventional and alternative
pathways (although not necessarily cheaper) while providing power and thermal energy

commodities.
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Table 5.3 Comparison of distributed hydrogen production costs

Hydrogen Production Pathway' $/kg
SMR of natural gas (distributed-scale®) 3.5 [80]
Electrolysis (distributed-scale?) 4.17 [82]
SOFC CHHP System (distributed-scale™”) 4.4

'Distributed-scale hydrogen cost is estimated from ~250 kg/day production values for

SMR and SOFC CHHP and 1050 kg/day for grid-powered electrolysis. A capacity factor

0f 90% is used for all cases.

*Distributed scale hydrogen cost subtracts out an estimated 4.03 $/kg for compression,
storage, and dispensing [81] and 1.88 $/kg for electrolysis [82].

*Price of natural gas feedstock is $7/MMBtu (0.024 $/kWh) and electricity sell-back of

0.082 $/kWh.

The SOFC CHHP system is an example of a high efficiency electricity generator
with heat and hydrogen co-products. While the economics of such a system are only
competitive using fossil fuel natural gas equivalent feedstock costs, the system lowers the
overall fuel consumption with high efficiency fuel-to-electricity conversion and offers a
transitional supply of hydrogen for fuel cell vehicles. The small-scale supply could give
hydrogen-powered fuel cell vehicle manufacturers the opportunity to compete with the

current fleet of internal combustion engine vehicles.






159

CHAPTER 6

CONCLUSIONS

The analysis of alternative pathways to fuels broadens the spectrum of renewable
energy deployment options. Fuel production is one way to capture and store the electric
power produced from renewable energy resources, such as wind. Energy storage is an
important aspect of harnessing renewable energy as it becomes available, thereby
increasing the power density of land-intensive generation technologies (e.g. wind turbines
and solar panels). The development and integration of renewable energy into the existing
infrastructure is a major challenge. This thesis presents two pathways to fuels for which
there is an existing demand and one pathway for which the gap between supply and
demand is moderated. Fossil fuels will eventually run out, and investigating alternative
fuel production pathways is important to determine suitable replacements to fossil fuels

in a growing energy market.

6.1 Summary of Findings and Conclusions

This thesis focused on production scales which could be accommodated by
renewable resources, such as wind. Two pathways for the production of SNG and F-T
gasoline and diesel were presented. The SNG plant used hydrogen as an intermediate
energy carrier for the subsequent conversion to SNG. The co-electrolysis plant utilized
the electric power generation directly to produce gasoline and diesel fuels. The capture
and recycle of carbon dioxide is used as the carbon source for both of these fuel
production plants. A third production plant is presented which employs small-scale
hydrogen production by using SOFC polygeneration. The gap between supply and
demand of hydrogen for FCVs is moderated through the use of polygeneration, whereby

the capital investment is leveraged across all co-products.
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6.2 Summary and Implications of Pathways

It is not suggested that the production plants explored in this thesis are holistic
solutions to renewable energy integration within the transportation market or the
replacement of fossil fuels. It is evident from the limited scale and locations in which
these plant are feasible (e.g. near a strong wind resource) that they can only be part of the
solution. The geographic regions which have strong wind resources tend to be less
populated than those without, so the potential to harness and store the wind resource,
when it cannot be directly used as electricity, is an important aspect of increasing the

value of the wind turbines.

A source for the carbon dioxide is also needed, and there are very limited sources
at present because carbon capture is not incentivized. The carbon capture and storage
(CC&S) process is energy intensive, and the technology must improve to make it more
efficient and cost effective. Different sources and methods for power generation (e.g.
biomass gasification) will make the CC&S process easier and more cost effective, thus
increasing the potential sources of carbon dioxide. It is assumed that future governmental
policy will place more value on mitigating the harmful environmental effects of burning

fossil fuels.

While the fuel production plants presented in this thesis are not going to be built
in the next 10-15 years, the modeling and simulation efforts give insight into system level
design considerations. The following conclusions are made based on the design
considerations explored for the fuel production plants. A discussion on future work for

each production pathway is given.

6.2.1 SNG Production Plant

Thermodynamic and kinetic considerations of the methanation reaction were
explored to model and simulate a system of reactors for the conversion of hydrogen and
carbon dioxide to SNG. Reactor design is important to maximize the conversion of
carbon dioxide by maintaining optimal reaction temperatures. Heat integration and

recovery is a crucial part of plant operation when highly exothermic reactions, such as
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methanation, are involved. Multiple reactor stages are also necessary to condense and
purge the produced water from the process stream, thereby promoting the methanation
reaction; this is thought to be a main driving force for the conversion of carbon dioxide.
Multiple reactors increase the per-pass conversion of the reactor train, thereby allowing
the separation and recycle processes to produce an SNG composition which is adequate
for natural gas pipeline transport and end-use applications. Inter-stage heat recovery is
used, and organic rankine cycles (ORC) are ideal candidates for producing electricity
from low temperature waste-heat. The ORC units supplied all of the internal electricity
needs, which enable the plant to operate without reliance on the grid. Separation
processes were investigated to recycle the reactant species and increase overall reactant
conversion. Conventional separation technologies were found to adequately produce
SNG with high methane content while limiting the amount of carbon dioxide in the

product.

There are no previous studies which model the production of SNG from hydrogen
and carbon dioxide in a process similar to that which is presented in this thesis. The SNG
production plant is a unique analysis, so there are no benchmark studies from which to
compare the results. The plant model was reviewed and validated by an expert in the
natural gas processing industry as well as other sources with industrial chemical
processing experience. Many laboratory studies are presented in the literature which
attempt to characterize the reaction kinetics of carbon dioxide methanation, but there is a
large gap between these studies and large-scale reactor performance for carbon dioxide
methanation. The SNG plant in Chapter 2 characterizes the synergies between large-scale

reactors, thermal management, and system level design considerations.

The overall plant efficiency of this process is 78.1% HHV. The SNG production
cost ranges from 8 to 80 $/MMBTU based on the range of hydrogen feedstock costs
relevant to renewable production from wind-powered electrolysis and operating capacity
factors; for each 1 $/kg of hydrogen feedstock cost, the SNG production cost increases
9.4 $/MMBTU.
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6.2.1.1 Implications for Future Work

The main source of uncertainty of the SNG plant is the reaction kinetics of the
carbon dioxide methanation reaction. Future experimental work is warranted to design
and test a large-scale reactor with thermal management (cooling). A two-dimensional
model employing reaction kinetics, fluid dynamics, and heat transfer properties would
give additional insight into the design of such a reactor and the implementation of a

suitable catalyst.

The feasibility of the SNG plant from Chapter 2 is mainly dependent on obtaining
a cheap hydrogen source. Hydrogen production will not be cheap in the near-term, so
producing SNG that can compete in the near-term energy market is not likely without
substantial financial incentives for renewable energy and carbon emission mitigation.
Natural gas is a relatively cheap commodity, so the renewable SNG has a disadvantage
compared to gasoline and diesel fuels, which are higher priced fuels (comparing
$/energy). The conversion efficiency for the SNG plant is relatively high at 78% HHYV,
and the capital costs are small compared to the hydrogen feedstock cost; this implies that

future work should focus on realizing a cheap source of hydrogen.

From the economic evaluation of this pathway to SNG, it is not predicted that
such a process will become economically competitive because of the low cost of natural
gas at present. Although there is uncertainty in the methanation reactor performance, it
should be noted that all of the process technologies are commercially available for this
pathway. While not competitive with natural gas prices, the conversion of hydrogen to
SNG was shown to be more cost effective than producing and delivering hydrogen from

Chapter 5.

6.2.2 Gasoline & Diesel Production Plant

A thermochemical model for the conversion of SOEC derived syngas to liquid
fuels via F-T synthesis and product upgrading was presented. SOEC systems have not
been deployed at industrial scales, but laboratory studies have shown their potential for

high efficiency conversion of steam and carbon dioxide to highly reactive syngas. F-T
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synthesis and product upgrading are technologically mature processes which are used in
select locations for large scale liquid fuel production (e.g. Sasol in Africa). Prior to this
effort, there have been no modeling studies which combine the two major subsystems of
SOEC co-electrolysis and F-T synthesis. The present study gives insight into the
synergies between the syngas generation and F-T synthesis subsystems, and the resulting

electricity-to-liquid fuels conversion efficiency represents a realizable process.

The performance model for the SOEC co-electrolysis module was based on
experimental data, and the model was extended to account for the methanation reaction at
elevated operating pressures. The sensitivity analysis on the component level SOEC
model was carried out with the goal of determining optimal operating conditions to
produce syngas which is most beneficial for the performance of the F-T synthesis reactor.
System level analysis determined the effects of operating the SOEC at elevated pressures;
it was found that the negative effects of operating the SOEC module at elevated pressures
(increased methane production and lower current density) outweighed the positive effects
of decreased SOEC power requirement and decreased downstream compression power

for the F-T reactor feed gas.

The model for the F-T synthesis reactor employed a cobalt-based catalyst for
which high per-pass conversion can be obtained. The performance estimation of carbon
monoxide conversion is relatively high (70%), but the reactor operating conditions (high
pressure and a high syngas concentration) achieved by the SOEC module and

compression allows for high conversion.

The system model resulted in an overall electricity-to-liquid fuels efficiency of
50.1% HHYV (46.3% LHYV). The scenario of operating the SOEC at 5 bar results in an
overall efficiency that is 2.7% lower than operation at 1.6 bar. The liquid fuels production
costs range from 5.8 $/GGE to 18.2 $/GGE for the explored range of electricity feedstock
costs and operating capacity factors. For every 0.01 $/kWh of electricity feedstock cost,
the cost of liquid fuels production increases about 0.7 $/GGE.

The feasibility of the gasoline and diesel production plant from Chapter 3 is

highly dependent on obtaining a cheap price of renewable electricity and maintaining a
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high operating capacity. These conditions are only obtainable in select locations, where
there is a large wind farm and a low demand for the electricity nearby. In certain
scenarios, it may be more cost effective to use the electricity onsite for co-electrolysis
than it is to transport the electricity long distances and suffer losses from the transmission
lines. Regarding capacity factor, the plant would benefit from being powered by a much
larger (e.g. greater than 100 MW) wind farm than the maximum capacity of the plant
(e.g. 50 MW) so as to supply the most electricity when the wind farm is not running at
maximum capacity. The capital cost of the plant is largely dominated by the cost of the
SOEC unit, for which the assumption of technological maturity and a high manufacturing
capacity was made. It is imperative that SOEC co-electrolysis technology and
manufacturability improve to achieve the performance and unit costs assumed in this

study.

6.2.2.1 Implications for Future Work

High temperature co-electrolysis is a promising technology, but much research
and development is still required to transform the laboratory-tested modules into a
commercially available technology. The technology could benefit from one and two-
dimensional models which simulate the chemical reactions, fluid dynamics, and heat
transfer characteristics of the stack. Further understanding from these models would give
insight into the relative reaction mechanisms of steam and carbon dioxide in the stack.
The present study estimates a relatively high performance SOEC module using a zero-
dimensional model, but realization of this performance will require technological
advancement; this advancement is currently under research by several institutions (e.g.

INL, Risg National Laboratory, Ceramatec™)

The present study conducted a sensitivity analysis of SOEC operating conditions
(temperature, pressure, voltage) on the product syngas composition. A high pressure case
study was explored to realize the system level effects. Future work could involve
developing the model for more robust system level sensitivity analysis to explore the
system level effects for the entire range of SOEC operating conditions. An additional

sensitivity analysis on the effect of carbon monoxide conversion in the F-T synthesis
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reactor could also be explored along with the possibility of F-T product recycle to
achieve higher overall conversion to hydrocarbons. The current model is capable of
determining the system results of one set of operating conditions (e.g. Ty, P;, Vi) ata
time, but manual adjustments must be made to the system model to ensure certain
constraints are met. For example, the amount of LFG diverted to the PSA for hydrogen
production must satisfy the product upgrading requirements and the SOEC feed gas
requirements without producing in excess. Meeting this constraint is not currently
automated in the Aspen Plus™ model, so manual adjustments must be made. The
upgrading of the present system-level automation, along with a more detailed SOEC

component model, would provide a highly versatile system model with high fidelity.

Heating the SOEC reactant gas stream to 800 °C is an energy intensive process,
so it is suggested to explore the integration of high temperature co-electrolysis with
another process which has a high temperature heat source. It is necessary for the
production plant to have a self-sustaining heat source (internally produced LFG) when
operating at a remote wind farm location, but the coupling of this plant with a high
temperature heat source would alleviate this constraint. Employing high temperature co-
electrolysis with a larger, more constant source of electricity, such as a nuclear power
plant, would benefit from: 1) a high operating capacity factor, ii) a high temperature heat
source, iii) economy of scale and iv) enabling the use of LFG in a gas turbine for
electricity generation or reforming it to syngas to be recycled for additional F-T
synthesis. Coupling high temperature co-electrolysis with heat and electricity produced
by a nuclear power plant has been studied by O’brien et al. [43], but further analysis can
be made by exploring the synergies between the co-electrolysis, F-T synthesis, and

product upgrading subsystems.

6.2.3 Hydrogen Production

The final study aimed to demonstrate the potential benefits of hydrogen co-
production from an SOFC system. The unique aspect of this plant, compared to other co-
generating fuel cell systems, is the separation of hydrogen which could be used for FCVs.

SOFC systems with co-generation are known to exhibit high overall efficiency, and this
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study characterized the potential for a relatively new technology (EHS) to separate
hydrogen from SOFC effluent gas streams. The conventional method for hydrogen
separation using pressure swing adsorption (PSA) was also evaluated for comparison to
EHS. PSA is a commercially available technology which is commonly used for
separating hydrogen from SMR effluent streams, and the product hydrogen can achieve
purity levels suitable for use in PEM FCVs. PSA separation performance degrades if the
feed gas has a low concentration of hydrogen, which is the case for the anode effluent of
an SOFC. Hydrogen separation performance using EHS units is much less dependent on
the hydrogen concentration, and EHS can achieve a high degree of separation using less

electrical energy than the PSA process.

The exploration of system level synergies between the SOFC performance,
hydrogen separation units, and heat recovery is unique to this study. The case study for
hydrogen overproduction exemplifies the advantage of the modeling the entire system;
both of the analyzed hydrogen separation design concepts resulted in increased overall
efficiency for several reasons: i) higher SOFC operating voltage, ii) lower cathode air
flow requirement, iii) less additional methane for the combustor was required to
accomplish fuel preheat, and iv) the PSA separation efficiency increased. Despite the
increase in hydrogen separation efficiency for the PSA concept in the hydrogen
overproduction case study, the EHS unit is more suitable than PSA for hydrogen
separation from SOFC tail-gas.

The overall fuel efficiency for the SOFC CHHP plant is 79.3% HHYV for the EHS
concept. The range of hydrogen production costs from this plant is 4 to 11 $/kg-H, based
on the relevant range of methane feedstock costs and electricity credit prices. For each 1
$/MMBTU of methane feedstock cost, the hydrogen production cost increases by about
0.67 $/kg. In a location with significantly lower natural gas prices than electricity,

hydrogen production can be achieved at less than 2 $/kg.
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6.2.3.1 Implications for Future Work

The main source of uncertainty in the present study is the performance and
development of the EHS technology. Although EHS units are predicted to perform well
under the aforementioned conditions, they have yet to be demonstrated at commercial
scales (>100 kg-H,/day). Further demonstrations of EHS technology from manufacturers

will serve to validate the hydrogen separation performance and product purity.

Several steps could be taken to further the development of the current model. The
hydrogen over-production case study makes several assumptions that potentially over-
predict the system performance, which showed an increase in overall efficiency
compared to the baseline case. The case study assumed that the system components are
the same as those in the baseline case (e.g. the size of the SOEC, EHS, and PSA
modules). The EHS overpotential could increase due to the effective ASR of the stack
when operating at a higher current density. The PSA performance may also decrease
because there is not as much membrane surface area onto which the non-hydrogen
molecules adsorb, and this could lead to a decrease in hydrogen purity. The
implementation of performance curves for the EHS and PSA would make the model

more robust for sensitivity analyses such as flow rate and fuel utilization variations.

The economic feasibility of hydrogen production from the SOFC CHHP plant is
dependent on the market value of hydrogen and relative price of electricity and methane
in the selected location. To generate hydrogen cheaply in the near-term, the range of
methane feedstock costs must be similar to the current price of natural gas. While this
would not be a renewable pathway to hydrogen, it would offer the transitional supply of
hydrogen using a highly efficient conversion of the natural gas to allow the fuel cell

vehicle fleet a chance to grow.

6.3 Socio-Economic and Environmental Considerations

While this section does not aim to quantify the scenarios for carbon taxation,

emissions trading, and subsidies, a discussion is warranted on socio-economic and
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environmental considerations, including the avoided carbon emissions and governmental

policy implications for renewable energy.

Placing a value on the carbon dioxide that is recycled by the fuel production
plants discussed in Chapters 2 and 3 would benefit the economics of the pathways. This
value would represent the avoided external costs of burning fossil fuels, such as pollution

and climate change, which are not currently included in the cost of fossil fuels.

The SNG and F-T liquid fuel production costs using the feedstock cost ranges for
renewably generated hydrogen and electricity are not economically competitive with
existing fossil-derived fuel prices. There are attributes of the renewable fuel products that
could incur cost reductions from government incentives. The renewable fuels are
produced using carbon dioxide that would have otherwise been emitted to the
atmosphere. All of the carbon dioxide feedstock (~80,000 tonne/yr) from the SNG
production can be considered greenhouse gas emissions (GHG) reductions compared to
natural gas use. Similarly, the gasoline and diesel fuels produced from recycled carbon
dioxide (~120,000 tonne/yr) represent significant reductions in GHG emissions compared
to petroleum derived gasoline and diesel fuels. While the carbon dioxide feedstock does
not represent a significant cost for the SNG or liquid fuels production, the
environmentally benign aspects of these processes could be rewarded by governmental

policy in the future.

The product costs could benefit from a cap and trade scenario for carbon dioxide.
Since the carbon dioxide is recycled, there would be substantial ‘credits’ earned by the
fuels production plants. The credits represent the avoided carbon dioxide emissions that
would have otherwise been emitted to the atmosphere in comparison to fossil fuel use.
Similar to earning credits, a tax on carbon emissions would also make the source for
carbon dioxide more available because power plants would have economic motivation to
capture it. This would increase the feasible locations for the construction of fuel

production plants which utilize recycled carbon dioxide.

The EIA estimates that direct subsidies for fossil fuels amounted to $313 billion

in 2009 (world-wide); this does not include indirect subsidies such as tax expenditures,
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military expenses for securing resources, and under-priced access to scarce resources
(e.g. land under governmental control) , which are harder to quantify. In addition, the
effects of burning fossil fuels include air quality degradation, water contamination, and
climate change which place an indeterminate socio-economic burden on society and the
Earth. The total renewable energy subsidies were estimated to be $57 billion (includes
$20 billion for biofuels) from a 2009 EIA report. While renewable energy generates far
less chemical and electric power at present (the $/kWh for fossil fuel subsidies is less
than that of renewable energy), it is clear that the removal of fossil fuel subsidies will
have a positive impact on the economic competitiveness of renewable-based generation

facilities.

It is clear that renewable resources such as wind are stronger in certain locations
than others, but there are also geo-political considerations which affect the viability of the
presented pathways. In the U.S., crude oil commodities such as gasoline and diesel are
not taxed as heavily as they are in Europe (tax accounts for about 70% of the total
consumer cost at the pump, compared to about 10% in the U.S.). Therefore, gasoline and
diesel prices are high in Europe compared to the U.S (about twice as high). Locating the
liquid fuel production plant from Chapter 3 in a favorable Europe country makes it much
more economically attractive. High renewable power availability (high capacity factor)
would make the liquid fuel products competitive in the near-term, assuming they are not

taxed the same as fossil fuels.

In addition to concerns of carbon emissions, the fact that the world has a limited
supply of fossil fuels provides motivation to explore various alternatives for fueling the
energy market. It is clear than there will not be only one technology that replaces fossil
fuels with a sustainable alternative. There is much uncertainty in the future technologies
and pathways that will provide fuels for the transportation market. Hydrogen is the most
heavily researched chemical for use as a renewable energy carrier, and it is proposed that
it can potentially supply most of the world’s energy needs in a “hydrogen economy”. It is
clear the hydrogen economy is a long-term prospect, and there must be other mid- to

near-term strategies of integrating renewable energy into the existing infrastructure.
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6.4 Final Statements

This thesis presents two renewable pathways to SNG and F-T liquid fuels for use
in the existing energy infrastructure. A distributed polygeneration plant, which could
provide hydrogen fuel as a means to supply a potential market for fuel cell vehicles, is
also presented. The question of whether or not the hydrogen economy will come to
fruition is not predicted or suggested in this thesis, but several potential pathways are
explored for increasing renewable energy penetration into the existing transportation
sector without the need for large scale hydrogen vehicle deployment. The advantage of
producing fuels for which there is an existing demand leverages the value of the
renewable energy source. Small-scale hydrogen production as a co-product of an SOFC
electricity generator captures the benefits of high efficiency conversion while allowing a
potentially renewable transportation fleet of fuel cell vehicles to evolve. This thesis
quantifies the performance and economics of various fuel production pathways to

broaden the potential for renewable energy integration in our society.
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